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INTRODUCTION 

Coal combustion i s  a major source  of s u l f u r  d ioxide ,  and s i n c e  e lectr ic  u t i l i t i e s  
a r e  t h e  major consumers of c o a l ,  power gene ra t ing  s t a t i o n s  a r e  t h e  p r i n c i p a l  po in t s  
of o r i g i n  f o r  t h i s  p o l l u t a n t .  Consequently, t h e  a i r  p o l l u t i o n  r e g u l a t i o n s  de- 
s igned  t o  check t h e  emission of s u l f u r  d ioxide  concern t h e  e l e c t r i c  u t i l i t i e s .  
The s u l f u r  d ioxide  abatement r egu la t ions  of  many communities t r a n s l a t e  t o  a per- 
m i s s i b l e  concent ra t ion  of 0 . 3  - 1 . 0  percent  s u l f u r  i n  f u e l s , 2  w i t h  0.7 a comon 
l i m i t .  This  l e v e l  of s u l f u r  i s  t o o  low f o r  most of t h e  c o a l  t h a t  has  been con- 

desc r ibes  a method f o r  producing an  accep tab le  low-sulfur  u t i l i t y  f u e l  by hydro- 
desu l fu r i z ing  c o a l  c a t a l y t i c a l l y  i n  a cont inuous fixed-bed r e a c t o r .  

The r e a c t i o n  of c o a l  w i th  hydrogen has  been s t u d i e d  ex tens ive ly  i n  t h e  p a s t  wi th  
t h e  o b j e c t i v e  of producing gaso l ine  and s p e c i a l  f u e l   oil^.^"'^ A t  e l e v a t e d  t e m -  
p e r a t u r e s  and p res su res  and i n  t h e  presence  of s u i t a b l e  c a t a l y s t s ,  c o a l  r e a c t s  w i th  
hydrogen t o  g ive  a mixture  of l i q u i d  and gaseous hydrocarbons and t h e  heteroatoms 
i n  c o a l  a r e  e l imina ted  as hydr ides .  The i n i t i a l  l i q u i d  hydrocarbon products  may 
then be  upgraded t o  gaso l ine  o r  o t h e r  h igh  grade  f u e l s  b u t  an i t e m  of major c o s t  
i n  t h e  process  is hydrogen. Coals con ta in  about  5 pe rcen t  hydrogen, gaso l ine  about  
1 4  percent ,  and many f u e l  o i l s  about 9-11 pe rcen t .  Thus, large q u a n t i t i e s  of  hy- 
drogen, an expensive gas ,  a r e  r equ i r ed  t o  produce g a s o l i n e  o r  such  o i l s  from c o a l .  
However, d e t a i l e d  cons ide ra t ions  of  p a s t  d a t a  r e v e a l  t h a t  t h e  consumption of hy- 
drogen i n  t h e  primary l i q u e f a c t i o n  of coa l  is  s m a l l ;  t h e  bu lk  of t h e  hydrogen i s  
consumed i n  upgrading t h e  products  of  primary l i q u e f a c t i o n .  A s o l u t i o n  t o  t h e  f u e l  
problem of t h e  e l e c t r i c  u t i l i t i e s  may, t h e r e f o r e ,  be  found by l i m i t i n g  t h e  hydro- 
gena t ion  of  t h e  c o a l  t o  t h e  pr imary l i q u e f a c t i o n  s t e p  only ,  making d e s u l f u r i z a t i o n  
wi th  minimal hydrogen consumption t h e  exc lus ive  ob jec t ive .  The expendi ture  of hy- 
drogen on t h e  primary l i q u e f a c t i o n  of c o a l  is o f  course unavoidable  because of t h e  
molecular  a l t e r a t i o n s  a s soc ia t ed  wi th  removal of  bound s u l f u r ;  however t h e  f a r  
l a r g e r  expendi ture  of hydrogen i n  upgrading t h e  products  of pr imary l i q u e f a c t i o n  
t o  even lower molecular  weights  may be  e l imina ted .  

The work of t h i s  r e p o r t  shows t h a t  t h e  r e a c t i o n  of coa l  w i t h  hydrogen may b e  con- 
ducted under s e l e c t  cond i t ions  t h a t  promote d e s u l f u r i z a t i o n  bu t  minimize a d d i t i o n a l  
hydrogenat ion of t h e  products  from t h e  pr imary l i q u e f a c t i o n .  The r e l a t i v e l y  v i s -  
cous l i q u i d  product  may then  be  used as a low-sulfur  u t i l i t y  f u e l  e i t h e r  d i r e c t l y  
o r  a f t e r  f u r t h e r  phys i ca l  ref inement  by removal of t h e  ash  and unreac ted  c o a l ,  de- 
pending on t h e  des ign  of t h e  furnace  t o  b e  f i r e d  wi th  i t .  An ash- f ree  f u e l  is 
of  cons iderable  b e n e f i t  t o  some furnace-boi le r  o r  even turbo-engine i n s t a l l a t i o n s .  

> 

i 
'i sumed by power gene ra t ing  s t a t i o n s  t o  b e  pe rmis s ib l e  f u e l s . 3  The p r e s e n t  work 

Hydrodesul fur iza t ion  of a tar  s l u r r y  of c o a l  con ta in ing  3 . 4  percen t  s u l f u r  t o  
y i e l d  a f u e l  having 0.3 pe rcen t  s u l f u r  at  4,000 p s i g  w a s  descr ibed  i n  o u r  e a r l i e r  
pub l i ca t ion .9  It has  now been found t h a t  f u e l  o i l s  conta in ing  an  equa l ly  low l e v e l  
of s u l f u r  are obtained a t  t h e  more economical cond i t ions  of reduced p r e s s u r e  of 
2,000 p s i g  and s h o r t e r  res idence  time when t h e  product  i s  cen t r i fuged  and r ecyc le  
o i l  i s  used i n s t e a d  of tar  as feed  veh ic l e .  
o i l s  of only 0.18 percent  s u l f u r  from t h i s  c o a l  a t  t h e s e  cond i t ions .  
and chemical and phys ica l  p r o p e r t i e s  of desu l fu r i zed  s y n t h e t i c  f u e l  o i l s  from t h r e e  
d i f f e r e n t  coa ls  are d e t a i l e d  i n  t h i s  r e p o r t .  

Complete s o l i d s  removal would y i e l d  
The y i e l d s  
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EXPERIMENTAL 

B a s i c a l l y ,  t o  e f f e c t  hydrodesu l fu r i za t ion  wi thout  unnecessary hydrogenat ion,  a 
s h o r t  r e s idence  t i m e  i n  a packed-catalyst-bed r e a c t o r  is used. Condi t ions are 
h igh ly  t u r b u l e n t  t o  p reven t  plugging and t o  assist c a t a l y s i s .  
e e r i n g  d e t a i l s  concerning p l a n t  ope ra t ions  and s e l e c t i o n  of cond i t ions  have been 
p resen ted  elsewhere;  l o  t h u s  a b r i e f  d e s c r i p t i o n  of t h e  experimental  approach suf -  
f i c e s  he re .  

P l a n t  and Procedure.  F igu re  1 i s  a s i m p l i f i e d  diagram of t h e  hydrodesul fur iza-  
t i o n  p l a n t .  The r e a c t o r  w a s  a 68-foot l ong  tube  of  5/16-inch i d ,  fo lded  i n t o  
3-112 h a i r p i n  loops t o  f i t  i n s i d e  a v e r t i c a l l y  p l aced ,  10-foot long,  cy l ind r i -  
c a l  furnace  of  10-inch i d .  The r e a c t o r  was c h a r w d  wi th  about 2 l b  of a com- 
merc ia l  Co-Mo/SiOZ-A1203 c a t a l y s t .  
p e r a t u r e  t a r  and hydrogen passed  through a p rehea te r  before  e n t e r i n g  t h e  r e a c t o r  
from t h e  bottom end. The product  stream leav ing  t h e  r e a c t o r  a t  t h e  top  end 
was l e d  through a water-cooled condenser t o  a h igh-pressure  r e c e i v e r  f o r  l i q u i d  
products .  The l i q u i d s  and unreac ted  s o l i d s  w e r e  c o l l e c t e d  i n  t h i s  r ece ive r  from 
where they  were i n t e r m i t t e n t l y  d ischarged  i n t o  a v e s s e l  a t  a tmospheric  p re s su re .  
The gases  l eav ing  t h e  r e c e i v e r  were passed through a second condenser and a second 
high-pressure r e c e i v e r  t o  ensu re  condensat ion and c o l l e c t i o n  of any low-boiling 
product  no t  r e t a i n e d  i n  t h e  f i r s t  r ece ive r .  It may b e  mentioned, i n t e r  a l ia ,  
t h a t  i n  t h e  series of  runs  desc r ibed  i n  t h i s  paper ,  no l i q u i d  w a s  c o l l e c t e d  i n  
t h e  second high-pressure r e c e i v e r .  The gas  s t ream w a s  scrubbed wi th  a l k a l i  solu- 
t i o n  t o  remove H2S and NH3,  t hen  f i n a l l y  reduced t o  a tmospheric  p re s su re ,  metered, 
sampled, and f l a r e d .  I n  mul t ip le -pass  experiments ,  t h e  products  were r e i n t r o -  
duced i n t o  t h e  r e a c t o r  f o r  a s  many repea ted  hydro t rea tments  as d e s i r e d .  

S ince  a commercial o p e r a t i o n  w i l l  almost c e r t a i n l y  be  conducted wi th  s l u r r i e s  of 
coa l  i n  a p o r t i o n  of t h e  s t e a d y  s ta te  I i q u i d  genera ted  i n  t h e  process  i t s e l f ,  t h e  
hydrodesu l fu r i za t ion  o f  c o a l  i n  a v e h i c l e  of coal-der ived l i q u i d  was a l s o  s tud ied .  
The coal-der ived l i q u i d  w a s  p repared  by conduct ing a 4-cycle hydrodesul fur iza t ion  
experiment i n  which t h e  f e e d  f o r  t h e  f i r s t  c y c l e  was a s l u r r y  of 30 w t  p c t  coa l  
i n  tar whi l e  t h e  f eeds  f o r  t h e  second, t h i r d ,  and fou r th  cyc le s  were s l u r r i e s  of 
30 w t  p c t  c o a l  i n  the c e n t r i f u g e d  l i q u i d  products  from t h e  preceding  cycle .  It 
is es t ima ted  t h a t  t h e  cen t r i fuged  l i q u i d  products  from t h e  f o u r t h  cyc le  contained 
a t  least 80 percent  coa l -der ived  l i q u i d s .  

Extens ive  engin- 

The f eed  stream of c o a l  s l u r r y  i n  high-tem- 

For secondary reasons ,  cont inuous  ope ra t ion  of t h e  p l a n t  was l i m i t e d  t o  a maximum 
of  1 2  days a f t e r  which t h e  p l a n t  w a s  s h u t  down f o r  2 days. 
w i th  a newly made r e a c t o r  charged w i t h  f r e s h  c a t a l y s t .  

Sampling of t h e  Products  and  Analys is .  
feed  were c o l l e c t e d  i n  a b a t c h  and sampled f o r  a n a l y s i s .  Benzene i n s o l u b l e s ,  as- 
pha l t enes ,  and o i l s  were determined by convent iona l  so lven t  a n a l y s i s :  
a r e  s o l u b l e  i n  benzene bu t  i n s o l u b l e  i n  pentane ,  whereas o i l s  are s o l u b l e  both  i n  
benzene and pentane.  The 
concen t r a t ions  o f  s u l f u r  in  t h e  t o t a l  l i q u i d  products  and i n  t h e  benzene inso lu-  
b l e s ,  a spha l t enes ,  and o i l s  s e p a r a t e l y  were determined by t h e  Bomb-Washing Method. 
The d i s t r i b u t i o n  of p y r i t i c ,  o rgan ic ,  and s u l f a t e  s u l f u r s  i n  t h e  benzene inso lu-  
b l e s  w a s  determined by t h e  method recommended f o r  t h e  de te rmina t ion  of forms o f  
s u l f u r  i n  coa l .*  
ganic .  ’ 

Samples of t h e  tai l  g a s  were analyzed p e r i o d i c a l l y  by gas  chromatography, to  
de te rmine  t h e  format ion  of gaseous hydrocarbons. 
made. 

Each run was s t a r t e d  

The l i q u i d  products  from 25 lb of  s l u r r y  

asphal tenes  

Ash was determined by i g n i t i n g  t h e  benzene in so lub le s .  

The s u l f u r  i n  a spha l t enes  and o i l s  w a s  assumed t o  b e  a l l  or-  

A small amount of methane is  
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Materials. Analyses f o r  t h e  t h r e e  d i f f e r e n t  feed  c o a l s  and t h e  high-temperature  
tar  used i n  t h i s  work a r e  presented  i n  t a b l e  1. 
100 percent  through a 14-mesh U.S. Standard sieve and 70 percent  through a 200- 
mesh s i e v e .  The high-temperature  tar was  der ived  from t h e  coking of m e t a l l u r g i c a l  
grade bi tuminous c o a l  and had been topped t o  400' C by t h e  s u p p l i e r s ,  Koppers C O . ,  
Inc.* The Co-Mo/Si0p-A120 c a t a l y s t  w a s  purchased from Harshaw Chemical Co. 
(Manufacturer ' s  i d e n t i f i c a t i o n  number: 0402T). 

The c o a l s  were ground t o  pass  

RESULTS AM) DISCUSSION 

Hydrodesul fur iza t ion  of Coal Using High-Temperature T a r  as Vehicle .  The r e s u l t s  
from t h e  hydrodesu l fu r i za t ion  of t h r e e  d i f f e r e n t  c o a l s  i n  a v e h i c l e  of high-tem- 
p e r a t u r e  tar a t  2,000 p s i  and 450" C a r e  p re sen ted  i n  t a b l e s  2 and 3. The tar  

P i t t s b u r g h  seam c o a l  conta in ing  1.3 pe rcen t  s u l f u r  was d e s u l f u r i z e d  t o  a f u e l  
con ta in ing  0 . 3  percent  s u l f u r ,  an  Indiana  65 seam c o a l  con ta in ing  3.4 pe rcen t  
s u l f u r  was desu l fu r i zed  t o  a f u e l  conta in ing  0.42 pe rcen t  s u l f u r ,  and a Middle 
Ki t tanning  66 seam c o a l  con ta in ing  3.0 percent  s u l f u r  w a s  d e s u l f u r i z e d  t o  a f u e l  
conta in ing  0.36 percent  s u l f u r .  
t i t a t i v e l y  i n  t h e  products .  The c a l o r i f i c  va lue  of t h e  products  from t h e  t h r e e  
coa l s  were about  t h e  same, 16,400 Btu / lb .  About 284 s c f  of Hp was consumed i n  
p rocess ing  100 l b  of t h e  f eed  prepared from P i t t s b u r g h  seam c o a l ,  304 s c f  of H 2  
i n  process ing  100 l b  of feed  prepared  from t h e  Indiana  65 seam c o a l ,  and 330 s c f  
of  H2 i n  process ing  100 l b  of feed  prepared  from Middle Ki t t ann ing  %6 c o a l .  
f i g u r e s  f o r  t h e  consumption of  hydrogen were c a l c u l a t e d  from t h e  ana lyses  of t h e  
feeds  and t h e  products  and the y i e l d s  of t h e  l i q u i d  and gaseous products .  The 
e l imina ted  s u l f u r  was assumed t o  be  i n  t h e  form o f  H2S and n i t r o g e n  as NH3. The 
consumption of hydrogen f o r  r e a c t i o n  wi th  oxygen w a s  c a l c u l a t e d  by assuming t o t a l  
e l imina t ion  of oxygen from t h e  product .  
suppor t s  t h i s  assumption. In  view of expec ted  inaccurac i e s ,  t h e s e  i n d i r e c t  f i g u r e s  
should  be  considered only  approximately i n d i c a t i v e  of t h e  hydrogen requirement  
f o r  t h e  process .  
drogen d i r e c t l y .  

From t h e  a d d i t i o n a l  p r o p e r t i e s  of t h e  products  l i s t e d  i n  t a b l e  3, it is  seen  
t h a t  t h e  v i s c o s i t i e s  of t h e  products  from t h e  two h igh - su l fu r  c o a l s  are lower 
than  t h e  v i s c o s i t y  of  t h e  products  from P i t t s b u r g h  seam coal .  It appears  t h a t  
t h e  lower grade  coa l s  hydrogenate  more ex tens ive ly .  

None of  t h e  products  i n  t a b l e  3 contained components d i s t i l l a b l e  below 200" c 
and t h e  f r a c t i o n  d i s t i l l a b l e  below 355" C w a s  abouc t h e  same, 20 pe rcen t  by weight 
f o r  each of t h e  products .  

I w a s  a u s e f u l  f a c s i m i l e  of r ecyc le  product  o i l  u n t i l  i t  became a v a i l a b l e .  In  tar, 

/ 

In  each case, t h e  a sh  i n  t h e  f eed  remained quan- 

These 
I 

Determinat ions of oxygen by d i f f e r e n c e  

The p l a n t  i s  be ing  modif ied t o  measure t h e  consumption of hy- 

Hydrodesul fur iza t ion  of Coal i n  a Vehic le  of  Coal-Derived Liquid  and t h e  P rope r t i e s  
of  t h e  Products  Before and A f t e r  Cen t r i fuga t ion .  Tables  2 and 3 a l s o  con ta in  t h e  
r e s u l t s  from t h e  hydrodesu l fu r i za t ion  of Middle Ki t t ann ine  1 6  c o a l  i n  a v e h i c l e  - -~ 

. of coal-der ived l i q u i d  ( r ecyc le  o i l ) .  It may b e  noted  t h a t  t h e s e  r e s u l t s  r e f e r  
t o  a one-pass hydrotreatment  of t h e  feed  compared t o  three-pass  hydro t rea tments  
of t h e  feeds  prepared i n  high-temperature  tar .  Thus t h e  r e s idence  t i m e  is only  
one- th i rd  of t h a t  used f o r  t h e  t a r  s l u r r y  feeds .  The concen t r a t ion  of s u l f u r  
i n  t h e  products  w a s  0.48 pe rcen t  b e f o r e  c e n t r i f u g a t i o n  and 0.31 p e r c e n t  a f t e r  
c e n t r i f u g a t i o n .  The c e n t r i f u g a t i o n  r e s i d u e s  amounted t o  about 9.5 pe rcen t  by 
weight  of t h e  whole l i q u i d  p roduc t s ,  and cons i s t ed  of  33 pe rcen t  o r g a n i c  benzene 

* References t o  s p e c i f i c  brands  o f  materials are made f o r  i d e n t i f i c a t i o n  only 
and does no t  imply endorsement by t h e  Bureau of  Mines. 
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TABLE 1.- Analyses  of t h e  f eed  coa l s  and f eed  t a r ,  a s  rece ived  

hvab hvbb hvbb Middle High- 
P i t t s b u r g h  Indiana  65  Ki t t ann ing  66 temperature  
seam c o a l  seam c o a l  seam coa l  tar 

Proximate a n a l y s i s ,  w t  p c t  

Moisture  .............. 1.0 6 .1  2.4 - 
Ash ................... 11.1 8.9 9.4 - 
V o l a t i l e  ma t t e r  ....... 33.7 38.6 39.2 - 
Fixed carbon .......... 54.2 46.4 48.6 - 

Ult imate  a n a l y s i s ,  w t  p c t  

Moisture  .............. 
Ash ................... 
Carbon ................ 
Hydrogen .............. 
Nitrogen .............. 
Oxygen, by d i f f e r e n c e  . 
Sul fu r  ................ 

as s u l f a t e  ....... 
as p y r i t e  ........ 
as organic  ....... 

1.0 
11.1 
73.5 

4.9 
1.4 
6.8 
1.3 
0.07 
0 .GO 
0.63 

Solvent  a n a l y s i s ,  w t  p c t  

Benzene i n s o l u b l e s  .... - 
Asphal tenes  ........... - 
O i l  ................... - 

Heat con ten t ,  Btu / lb  ...... 13,320 

6 .1  
8.9 

67.0 
5.3 
1 . 4  
7.9 
3.4 
0.37 
0.98 
2.07 

- 
- 
- 

11,750 

2.4 
9.8 

71.0 
5.2  
1.3 
7 .3  
3.0 
0.01 
1.28 
1 .71  

- 
- 
- 

12,540 

- 
0.7 

92.3 
4.9 
1 . 2  
0.3 
0.6 
- 
- 

0.6 

14.0 
39.6 
46.4 

16 , 260 
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TABLE 2.- Hydrodesul fur iza t ion  of coa l  s l u r r i e s  
a t  450" C and 2,000 p s i  

S l u r r v  feed  rate: 5 l b / h r  
Hydrogen feed rate: 500 s c f h  

Feed Gross O i l  Product Analys is  > C a l o r i f i c  Hp consumed, 
I S, Ash, v a l u e ,  sc f /100  l b  

W t  p c t  W t  p c t  Btu / lb  of feed  

30 w t  p c t  P i t t s b u r  h 
seam c o a l  i n  tar  ? .............. 0.3 1 .5  16,450 284 

30 w t  pc t  Ind iana  115 
seam c o a l  i n  tar1 .............. 0.42 2.7 16,415 304 

30 w t  p c t  Middle Ki t tanning  
\ 116 seam c o a l  i n  tar1 ........... 0.36 2.5 16,310 330 
I 

30 w t  p c t  Middle Ki t tanning  
116 seam c o a l  in  coal-der ived 
l i q u i d ,  

b e f o r e  c e n t r i f u g a t i o n  ....... 0.48 3.5 16  ,'200 139 
a f t e r  c e n t r i f u g a t i o n 3  ....... 0.31 1 . 3  16,840 - 

1 

3-pass hydrotreatment .  
1-pass hydrotreatment .  
Cent r i fuge  cake = 9.5 percent  of gross  product .  
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i n s o l u b l e s ,  2 8  percent  ash,  9 p e r c e n t  a s p h a l t e n e s ,  and 30 percent  o i l .  As may 
be expected,  t h e  s p e c i f i c  g r a v i t y  of t h e  products  was  lower a f t e r  c e n t r i f u g a -  
t i o n  than b e f o r e ,  b u t  t h e  v i s c o s i t y  of t h e  products  w a s  
a f t e r  c e n t r i f u g a t i o n  than  before .  This w a s  probably due t o  a tmospheric  oxida- 
t i o n  of t h e  products  dur ing  s t o r a g e  p r i o r  t o  c e n t r i f u g a t i o n  and dur ing  c e n t r i -  
fuga t ion .  As is known, products  of c o a l  hydrogenat ion a r e  s e n s i t i v e  t o  atmos- 
p h e r i c  ox ida t ion .  

It i s  i n t e r e s t i n g  t o  n o t e  from t a b l e  4 t h a t  Hp consumption drops remarkably when 
r e c y c l e  o i l  i s  t h e  v e h i c l e  i n s t e a d  of tar. 
as s u s c e p t i b l e  t o  f u r t h e r  hydrogenat ion as tar is t o  i n i t i a l  hydrogenat ion.  

Forms and D i s t r i b u t i o n  of S u l f u r  i n  t h e  Products .  The forms and d i s t r i b u t i o n  
of s u l f u r  i n  t h e  products from t h e  h y d r o d e s u l f u r i z a t i o n  of Middle K i t t a n n i n g  
C6 seam c o a l  i n  high-temperature  t a r  a r e  presented  i n  t a b l e  4. S i m i l a r  d a t a  
f o r  products  from t h e  same c o a l  processed i n  r e c y c l e  o i l  have n o t  been completed 
a t  t h i s  w r i t i n g .  The concent ra t ions  of s u l f u r  i n  t h e  benzene i n s o l u b l e ,  asphal- 
t e n e ,  and o i l  f r a c t i o n s  of t h e  products  were determined s e p a r a t e l y .  The bulk 
of t h e  r e s i d u a l  s u l f u r  i s  always contained i n  t h e  benzene i n s o l u b l e  f r a c t i o n .  
This  f r a c t i o n ,  amounting t o  13.2 p e r c e n t  of t h e  products ,  contained 1.54 percent  
s u l f u r .  
p e r c e n t  of t h e  products  r e s p e c t i v e l y ,  each contained 0.18 percent  s u l f u r .  

Thus i t  is c l e a r  t h a t ,  i f  complete removal of  t h e  benzene i n s o l u b l e s  could be 
obta ined ,  t h e o r e t i c a l l y  87 p e r c e n t  of  t h e  products  may be recovered as  an ash- 
f r e e  l i q u i d  conta in ing  only 0.18 percent  s u l f u r .  
as a f u e l ,  such a l i q u i d  may b e  a v a l u a b l e  raw material f o r  e l e c t r o d e  carbon 
and t o  f u e l  t u r b i n e  engine e l e c t r i c  genera tors .  

A de te rmina t ion  of t h e  forms of  s u l f u r  i n  t h e  benzene-insoluble f r a c t i o n  revea led  
t h a t  88 percent  of t h e  s u l f u r  i n  i t  w-as organic ,  7 percent  p y r i t i c ,  and 5 per- 
c e n t  s u l f a t e .  
t o  b e  a l l  organic .  Thus, t h e  t o t a l  product  contained 0.34 p e r c e n t  o r g a n i c  s u l -  
f u r  and only 0 .01  percent  each of p y r i t i c  and s u l f a t e  s u l f u r s .  Since t h e  feed  
contained 0.38 percent  p y r i t i c  and 0.93 percent  o r g a n i c  s u l f u r ,  t h e  p y r i t i c  
s u l f u r  i s  e v i d e n t l y  e l imina ted  p r e f e r e n t i a l l y .  

Data repor ted  previous ly9  showed t h a t  t h e  f u e l  o i l  product  from P i t t s b u r g h  seam 
c o a l  could have a s u l f u r  conten t  as low as 0.09 percent  i f  t h e  benzene i n s o l u b l e s  
and a s h  are removed. 

s u r p r i s i n g l y  h i g h e r  

As expected,  t h e  r e c y c l e  o i l  i s  not  

I 

7 

i 

The asphal tene  and t h e  o i l  f r a c t i o n s ,  which amounted t o  21 .7  and 65.1 

7 

Aside from its premium q u a l i t y  

The s u l f u r  i n  the asphal tene  and o i l  f r a c t i o n s  may b e  assumed 

Yie lds .  As is  known, t h e  concent ra t ions  of mois ture ,  s u l f u r ,  and oxygen vary 
widely i n  coa ls .  Removal of  s u l f u r  is  of course t h e  o b j e c t i v e  of t h e  p r o c e s s ,  
b u t  t h e  d e s u l f u r i z a t i o n  i s  n e c e s s a r i l y  accompanied by removal of  mois ture  and 
oxygen. Thus, y i e l d s  of d e s u l f u r i z e d  f u e l s  from c o a l  may vary widely.  I f  t h e  
d e s u l f u r i z e d  products  are c e n t r i f u g e d ,  t h e  y i e l d  of  t h e  c e n t r i f u g e d  f u e l  w i l l  
a l s o  vary wi th  t h e  concent ra t ion  of minera l  matter i n  coa l .  

mum t h e o r e t i c a l  y i e l d  f o r  each coa l .  

But even i f  t h e  cumbersome p r a c t i c e  of r e p o r t i n g  y i e l d s  t o g e t h e r  w i t h  t h e  maxi- 
mum t h e o r e t i c a l  y i e l d s  i s  adopted, an  important  f e a t u r e  of th& process  w i l l  
remain masked. The c a l o r i f i c  v a l u e s  of t h e  products  are h igher  than  t h e  ca lor -  
i f i c  va lues  of t h e  feeds ,  and d e s p i t e  mass losses i n  process ing ,  t h e  a v a i l a b l e  
h e a t  from t h e  products  is  f r e q u e n t l y  more than  t h e  a v a i l a b l e  h e a t  from t h e  feeds .  
Thus, t h e  h e a t  conten t  y i e l d s  may be more than 100 percent  even though t h e  mass 
y i e l d s  are less than 100 percent .  

Evident ly ,  a s t a t e -  
.merit of y i e l d  w i l l  be meaningless u n l e s s  accompanied by a s ta tement  of t h e  maxi- 

S ince  f o r  e v a l u a t i n g  a fuel-making process  



TABLE 4 . -  Forms and d i s t r i b u t i o n  of s u l f u r  i n  t h e  products  from 
h v d r o d e s u l f u r i z a t i o n  of  30 w t  p c t  Middle Ki t tanning  #6 

seam c o a l  i n  t a r  

S, w t  p c t ,  i n  

Benzene i n s o l u b l e s  (13.2% of Prod.)  ..... 1.54 
Asphal tenes  (21.7% of Prod.) ............ 0.18 
O i l  (65.1% of Prod.) . . .. . ... .. . . . . .. . . . . 0.18 

Forms of S, w t  p c t ,  i n  t h e  
benzene-insoluble  f r a c t i o n  

S u l f a t e  ................................. 0.11 
P y r i t i c  ................................. 0.07 
Organic  ................................. 1 .36  

Forms of  S, w t  p c t ,  i n  t h e  t o t a l  
l i q u i d  p r o d u c t s ,  assuming a l l  S 
i n  a s p h a l t e n e s  and o i l  t o  be organic  

S u l f a t e  ................................. 0.01 
P y r i t i c  ...........:..................... 0.01 
Organic  ..........................-..... 0 .34  

- 
T o t a l  ............... 0 .36  

S ,  w t  p c t ,  i n  t h e  t o t a l  l i q u i d  
products  by d i r e c t  de te rmina t ion  ............. 0 . 3 8  
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t h e  r e l e v a n t  y i e l d  is  obviously t h e  h e a t  con ten t  y i e l d ,  t h e  fo l lowing  d i scuss ion  
w i l l  b e  i n  terms of Btu y i e l d s .  

General ly ,  Btu y i e l d s  i n  excess of 100 p e r c e n t ,  when based on t h e  l i q u i d  feed 
i n p u t ,  are explained thus:  Hydrocracking r e a c t i o n s  t h a t  produce lower mole- 
c u l a r  weights  are s l i g h t l y  endothermic and absorb energy from t h e  r e a c t o r  system; 
more impor t an t ,  a d d i t i o n a l  hydrogen i s  added t o  r a i s e  t h e  c a l o r i f i c  va lue .  

From t h e  f i g u r e s  p re sen ted  i n  t a b l e  5 ,  i t  w i l l  be  seen t h a t  t h e  Btu y i e l d s  f o r  
t h e  products  from t h e  hydrodesu l fu r i za t ion  of c o a l s  i n  high-temperature  t a r  a r e ,  
i n  each case, i n  excess  of 100 pe rcen t .  The Btu y i e l d  f o r  t h e  hydrodesulfur iza-  
t i o n  of Middle Ki t t ann ing  P6 c o a l  i n  coal-der ived o i l  i s  97 p e r c e n t  b e f o r e  cen- 
t r i f i g a t i o n  and 9 1  pe rcen t  af ter  c e n t r i f u g a t i o n .  I t  may be emphasized t h a t  t h e  
f i g u r e s  r e f e r  t o  t h e  y i e l d s  based on t o t a l  f eed ,  n o t  c o a l  a lone.  High-tempera- 
t u r e  t a r  a l s o  undergoes hydrotreatment  and so does t h e  r e c y c l e  o i l  b u t  n o t  as 
e x t e n s i v e l y  as t a r .  The re fo re ,  t h e  Btu y i e l d  appears  lower f o r  t h e  r e c y c l e  system. 

SUMMARY AND CONCLUSIONS 

It has been demonstrated t h a t  l i q u i d  f u e l s  con ta in ing  0 . 3  pe rcen t  s u l f u r  may be 
prepared i n  e n t i r e t y  from c o a l s  con ta in ing  3.0 - 3.4 pe rcen t  s u l f u r  by c a t a l y t i c  
hydrodesu l fu r i za t ion  i n  a cont inuous fixed-bed o p e r a t i o n  a t  450" C and 2,000 p s i ,  
followed by c e n t r i f u g a t i o n  of t h e  products .  The Btu y i e l d  of t h e  c e n t r i f u g e d  
f u e l  i s  9 1  pe rcen t .  I n  areas where a i r  p o l l u t i o n  r e g u l a t i o n s  are l e s s  s t r i n g e n t ,  
t h e  d i r e c t  product  of hydrodesu l fu r i za t ion  may be  used a s  a f u e l  w i thou t  cen t r i -  
fuga t ion .  
97 - 102 pe rcen t .  
b i e n t  temperature ,  s u i t a b l e  f o r  d i r e c t  use i n  o i l - f i r e d  burners .  

The r e s i d u a l  s u l f u r  i n  t h e  products  i s  e s s e n t i a l l y  e n t i r e l y  of o r g a n i c  n a t u r e  
and t h e  bulk of  i t  i s  contained i n  t h e  benzene-insoluble  components. Because 
t h e  product is l i q u i d  a t  low t e u p e r a t u r e s  wi thou t  s i g n i f i c a n t  v o l a t i l i t y ,  s o l i d s  
s e p a r a t i o n  shoulf be  r e l a t i v e l y  easy ,  t o  y i e l d  an a s h l e s s ,  ve ry  low-sulfur  f u e l  
o i l .  

Such product  con ta ins  0.4 - 0.5 pe rcen t  s u l f u r  and i t s  Btu y i e l d  i s  
The d e s u l f u r i z e d  s y n t h e t i c  f u e l s  a r e  l i q u i d  a t  o r  nea r  am- 
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TABLE 5.- Yie lds  of desu l fu r i zed  f u e l s  

C a l o r i f i c  Product  
va lue  -tal. C a l o r i f i c  

of feed ,  Yie ld ,  va lue ,  Yie ld ,  
Feed B tu / lb  w t  p c t  B tu / lb  Btu p c t  

30 w t  p c t  P i t t s b u r g h  seam 
coa l  i n  high-temperature  
t a r  .......................... 15,378 94 16,450 100.6 

30 w t  p c t  Ind iana  P5 seam 
coa l  i n  high-temperature  
t a r  .......................... 14,907 93 16,4 15 102.4 

30 w t  p c t  Middle K i t t a n n i n g  
1 6  seam coa l  i n  high-tem- 
p e r a t u r e  t a r  ................. 15,144 94 16,310 101.2 

30 w t  p c t  Middle K i t t a n n i n g  
#6 seam coa l  i n  coa l -de-  
r ived  l i q u i d s ,  ............... 15,550 

before  c e n t r i f u g a t i o n  ...... 93 16,200 96.9 
a f t e r  c e n t r i f u g a t i o n  ....... a4 16,840 91.0 
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USE OF A REFINERY LP MODEL TO 
DETERMINE VALUE OF COAL DERIVED LIQUID 

Marshall E. Frank 
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Chem Systems Inc., New York, N.Y. 

Bruce K.  Schmid 

. 

The Pittsburg 8. Midway Cool Mining Co. 
Merriam, Kansas 

INTRODUCTION 
I 

Conversion of coal to a synthetic liquid product has been studied experimentally for a 
number of years. Because such processes appear to be moving closer to commercial reality, the 
economics of these processes have received more emphasis in recent years. One of the major 
problems in determining the economics of coal conversion processes involves settling on a value 
for the coal-derived liquid. In some economic studies a price has been estimated for t h i s  
liquid based solely on the cost of producing it, including an arbitrary profit. Other studies, 
on the other hand, have tried to estimate a value for the coal-derived l iquid on the basis of 
one or more inherent properties, or have used a somewhat arbitrary value. 

J 

In actual practice, however, the value of a feed stock to a refinery depends primarily 
upon the value of the products which can be made from it and the costs of processing to make 
such products. In the case of coal-derived materials, which have unusual characteristics com- 
pared to most crude oils, this i s  believed to be the most realistic method of estimating its value. 
This paper reports the resulk of such calculations made for a liquid produced in a conceptual 
coal conversion complex utilizing several experimental processes now being developed under 
sponsorship of the Office of Coal Research, U .S. Department of the Interior. 

SOURCE OF COAL DERIVED LIQUID 

This complex which produces the coal-derived liquid has been designated a COG (Coal, 
Oil, Gas) Refinery, since the two major products i t  produces from coal are the liquid 
feedstock to a petroleum refinery and a high BTU synthetic natural gas. The primary conversion 
step of this complex utilizes the Pittsburg 8 Midway Coal Mining CO'S Solvent Refined Coal (SRC) 
process. Chem Systems has recently completed an economic evaluation of this complex for P M .  

An overall flowsheet for the COG Refinery i s  shown in Figure 1. The following process- 
ing.steps are included: 

SRC Rocess - This i s  the primary coal conversion step where coal i s  dissolved in 
the presence of a process solvent and hydrogen at high temperatures (-825OF) and 
pressures &lo00 psia). The reaction product i s  filtered to yield solvent refined 
cod, a low sulfur de-ashed product. Filter cake, containing undissolved coal 
and ash i s  sent to the gasification section. A light oil, cg-450°F and gases, C,-C4, 
are also produced in the SRC process. 
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Hydroconvenion and Hydrotreating .- These processes upgrade the solvent refined 
coal and light a i l  produced in the S f K  process to the coal-derived liquid product. 

\, 
’ *  

i 

Bi-Gas Process - This i s  Bituminous Coal Research’s coal gasification process and 
produces synthesis gas and methane directly from coal. This stream, after down- 
stream purification steps, supplies the hydrogen requirements of the COG Refinery. 

Shift Conversion - This process shifts the CO in the Bi-Gas reactor effluent with 
steam to produce hydrogen. 

Acid Gas Absorption - Conventional hot potassium carbonate processes are em- 
ployed to remove C 0 2  and H2S from both the Bi-Gas effluent and the off-gases 
recovered from other sections of the COG Refinery. The bulk of the Cop, con- 
taining less than 5 ppm HpS, i s  vented to the atmosphere. Al l  the hydrogen sulfide 
with the rest of the C 0 2  i s  sent to a sulfur recovery unit. A portion of this purified 
stream (approximately 80% H2) i s  sent directly to the SRCprocess. 

C I e an -Up Methanation - This process removes the residual CO from shift con- 
version to meet pipeline gas specifications. 

Cryogenic Separation - This low temperature separation i s  required to produce a 95% 
H2 stream for hydroconversion and hydrotreating. Methane is  recovered here as the 
pipeline gas product. LPG produced in various sections of the COG Refinery i s  also 
recovered in this section. 

k seen from Figure 1, the high BTU pipeline gas consists of methane generated in the Bi-Gas 
and SRC processes and methane made in subsequent downstream processing steps. . 

The hydrotreated liquid product represents the material that wi l l  be fed to a petroleum re- 
finery. Approximately 70% comes from hydrocracking and hydrotreating the solvent refined coal, 
while the remaining 30% comes from hydrotreating the light o i l  produced in the SRC process. The 
SRC process has been evaluated in the laboratory and plans are underway for a pilot plant. The 
design bases for the hydrocracking and hydrotreating steps have been estimated based on previous 
work on similar materials. The liquid product from the hydroconversion section i s  a 75OOF end 
point material. The product obtained after hydrotreating i s  a c5-650°F distillate with an 35” API 
gravity. This hydrotreated liquid product obtained from the COG Refinery represents a rela- 
tively light material far feed to a petroleum refinery. Because of these properties, this coal- 
derived liquid h a s  been designated as “light refinery liquid”. 

The above describes haw this liquid has been derived from the coal conversion processes 
making up the COG Refinery. The conceptual nature of the COG Refinery has been described and 
wi l l  be referred to later when the properties of the light refinery liquid and the way in which it 
wi l l  be treated in a refinery w i l l  be discussed in more detail. Beforegetting to that, however, it 
i s  appropriate now to discuss the approach used in the evaluation of this liquid as refinery 
feedstock. 

APPROACH 

The approach used in this study has been to determine the parity value of the light refinery liquid 
to a refiner compared to a standard crude. Since the objective of a refiner i s  to make profit, he 
would be wil l ing to buy and process coal liquid as long as the properties of the coal liquid 
allowed him to operate as profitably as he could by processing crude oil. By determining the re- 
turn on investment far a crude o i l  refinery, and fixing that return for a coal liquid refinery, the 
value of the light refinery liquid can be calculated. 
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In addition to comparing a l l  crude o i l  and a l l  coal liquid refineries, the evaluation also determined 
the effect of  running mixtures of natural crude and coal liquid. This was done to see i f  there might 
be synergistic effects when processing mixtures. 

LP MODEL 

The analysis was performed using Chem Systems' refinery linear program (LP) computer model. The 
model considers the investment and operating costs associated with each of the process units which 
can be included in a new refinery. It makes the economic decision as to which units are to be in- 
cluded in the refinery, the raw material allocation among a l l  of the process units and product 
blends, the operating severity of each process unit, and the optimum market slate from the refinery. 
The model performs an objective analysis of each problem, determining the most profitable solution 
available within the constraints placed on the problem. 

A linear program i s  a technique for finding the optimum solution to a series of linear equations for 
which there are more variables that equations e.g., an infinite set of possible solutions. In t h i s  
case, the optimum solution i s  the one which yields the most profitable operation for a specified 
set o f  marketing, feedstock and economic conditions. Certain variables are specified, such as 
capacity or feedstock, and other variables, such as operating severity levels, allocation of inter- 
mediate process streams, etc. are examined to find the solution which produces the maximum profit. 

The refinery situation chosen for the evaluation i s  typical for the U .S. The total refinery through- 
put was fixed at 100,000 BPCD to avoid problem with plant size and investment factors and to 

product specifications considered by the refinery Lf' for each case are indicated in Table 1. 
match the total coal liquid output from the CO 8 Refinery. The process units, raw materials and 

TABLE 1 

PROCESS UNITS CONSIDERED FOR THE REFINERY 

Atmospheric Crude Distillation 
Vacuum Crude Distillation 
Naphtha Unifiner 
Catalytic Reformer 
Catalytic Cracker 
Distil late Hydrocracker 
Alkylation 
Isomerization 
Gas Oil Desulfurization 
Kerosine Desulfurization 
Hydrogen Generation 

RAW MATERIAL SPEC IF KAT1 ONS 
Southwest Louisiana Crude Oil $3.50/Bbl. 
Light Refinery Liquid 
Normal Butane $3.0O/Bbl. , 

Iso Butane $3.25/Bbl. 

Total quantity of crude and coal Iiquid,l00,000 BPCD,Mixture varied in 
steps from Al l  Crude to Al l  Light Refinery Liquid 

Rice to be Determined 
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P RO WCT skc I FIC AT IONS 

Value 
$/Bbl. - Quantity 

Gasoline Pool - 93 RON Unleaded 50,000 Min, 60,000 Max. 5.50 
LPG Unrestricted 2.83 

Number 6 Heating Oil Unrestricted 3.50 
Refinery Fuel Gas (FOE) Unrestricted 3.80 

Number 2 Heating Oil Unrestricted 4.75 

The product specifications applied equally to al l  cases, and the reason for the limits on gasoline 
production was to avoid the possibility of results so widely different as to prevent meaningful 
comparison. The 93 RON clear specification on the gasoline pool i s  typical of what might be 
expected by 1980 when the COG Refinery would be constructed. Al l  feed and product prices, 
investment, etc. are on a 1971 basis. 

Before proceeding with the computer runs, certain decisions had to be made concerning the pro- 
cessing options available for the light refinery liquid. 

PROPERTIES AND DISPOSITION OF LIGHT REFINERY LIQUID 

Figure 2 show a typical refinery configuration for feeding the coal liquid. 
would be taken from the crude distillation unit: 

Basically three cuts 

A C5-180"F cut would go either to an isomerization unit or directly to gasoline blending. 

A 180-375°F cut would go to a catalytic reforming unit for upgrading into high octane 
gao l  ine . 
A 375650°F cut would go either to a distillate hydrocracking unit or directly to the No. 2 
fuel o i l  pool. The hydrocracking unit woyld produce a light naphtha for gasoline blending 
and a heavy naphtha for additional feed to the catalytic reformer. Revious work(') on 
treating coal derived liquid in a refinery has indicated that hydrocracking rather than 
catalytic cracking should be employed to process this gas-oil cut. 

Properties of each of the abo\ie cuts have been'estimated and are shown in Table 2. 

TABLE 2 

INSPECTIONS ON LIGHT REFINERY LIQUID 

Vol % 
Wt. % 
Gravity, "API 
Sulfur, ppm 
Nitrogen, ppm 

P 
0 
N 
A 

Oxygen, PP" 

C5-1800F 

7.1 
5.4 

90 
Nil 

1 00 
50 
50 

47 
3 

- 

Fraction 
180-375"F 

37.7 
36.3 
43 
10 

200 
200 
20 

65 
15 

- 

375650°F 

55.2 
58.3 
28 

100 
700 
400 

6 

57 
37 

- 
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For comparison purposes, a typical refinery flowsheet for the al l  crude o i l  case i s  shown in Figure 
3. As mentioned previously, cases have been considered for various mixtures of  the two feeds. 
In those situations, the LP model has the option of selecting the optimum flowsheet configuration 
considering al l  the processing units shown in Figures 2 and 3.  

DEVELOPMENT OF DATA 

In order for the LP model to function, certain basic process data had to be generated, such as yields, 
investments and operating costs as a function of capacity for the catalytic reforming and hydro- 
cracking units operating on the cuts from the light refinery liquid. Once developed, t h i s  data 
was incorporated into the basic LP data package so that the model could use it as required in deter- 
mining the optimum configuration for each case considered. 

Since the COG Refinery i s  a conceptual design, light refinery liquid has not been produced. 
Therefore, there i s  no commercial or even laboratory data avai loble for conventional processes 
feeding this liquid. However, previous work has been done on similar coal-derived liquids. 
Chem Systems reviewed the work done by UOP on the synthetic crude produced from the bench 
scale reseorch program on the Consol Synthetic Fuel Process. Additionally licensors of commercial 
r e  f o r  m i n g and hydrocracking processes were sent the feed properties denoted in Table 2 for 
their evaluation. These sources together with Chem Systems background on refinery operations 
have been used to estimate the necessary data for the individual processing units. 

Catalvtic Reformina 

As seen from Table 2 the 180-375OF feed to this unit i s  highly nophthenic, ca. 65%. 
To attain high unleaded octane levels (95-102) simple dehydrogenation of the naphthenes 
to aromatics i s  sufficient. Very little cyclizotion or hydrocracking of paraffins would be 
required. This results in both o relatively simple plant and high C5+ reformate yield. 
Yields, investments ond operating costs have been estimated for various severity levels 
of reformer operation, ranging from octane numbers of 95 to 102 for the C5+ reformate. 
Because the heteroatom content of the 180-375°F cut i s  relatively high, a pre-hydro- 
treating step is necessary for reforming processes that employ o noble metal catalyst. 
This i s  accomplished in the Naphtha Unifier as shown in Figure 2. 

Hydrocracking 

This i s  a conventional petroleum refining process that converts low quality middle and 
heavy distillates into gasoline, i e t  fuel and high quality middle distillates. There has 
been some experimental work done by UOP in a pi lot scale lsomax unit uti l izing a feed- 
stock obtained from Consol's bench-scale extract hydro The properties of 
Consol's feedstock are comparable to the properties of the 375650°F cut obtained from 
the light refinery liquid- 
and operating costs for the hydrocracking unit. 

The light naphtha product (C5-180°F) from the hydrocracker has a clear octane number 
of approximately 82 and i s  sent directly to the gasoline pool. The heavy naphtha product, 
180 to 375OF, has a clear octane rating of approximately 63 and therefore must be further 
upgraded before entering the gasoline pool. It i s  sent directly to the Catalytic Reformer, 
bypassing the Naphtha Unifier since the heteroatoms have been removed in the hydro- 
cracking operation. 

Their results have been used as a guide in estimating yields 
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CALCULATED VALUE OF COAL LIQUID 

The value of the coal-derived liquid has been determined for four different ratios of coal liquid 
to Southwest Louisiono crude. From the basic refinery LP model the return on investment has been 
calculated for feeding 100% Southwest Louisiana crude at $3.50/Bbl. The value of the coal liquid 
then was determined which would give the same profitability as the basic crude case. Coal liquid 
i s  used to supplement Southwest Louisiana crude in percentages of 25%, 50%, 80% and 1Wh. 

The results are summarized in Table 3. As seen, the value of the coal liquid ranges from $4.30- 
$5.07 per barrel with the highest value at 25% coal liquid. 
function of feedstock ratio i s  shown in Figure 4. This chart indicates that the coal liquid has 
a higher value as a supplement to crude than when refined alone. 

The value of the coal liquid as a 

It can also be observed that one of the major effects of adding a coal liquid i s  to decrease the 
overall investment required for the refinery. The investment decreases from $92,100,000 for the 
100% crude to only $66,100,000 for the 100% coal liquid. This reduction in investment results 
since there are fewer processing units required for the a l l  coal liquid case than with the a l l  crude 
o i l  case. Since the coal liquid has no fraction suitable for catalytic cracking, the capacity of 
this unit decreases to zera as the quantity of light refinery liquid i s  increased to 1Wh. The same 
i s  true for vacuum distillation since the coal liquid contains no residue. The yield of No. 6 fuel 
o i l  i s  decreased substantially, of course, but at the same time the more valuable No. 2 fuel o i l  
yield i s  increased. Furthermore, the high octane of the coal liquid reformate means that alkyla- 
tion and isomerization units are not required to satisfy the gasoline pool octane requirement as 
more light refinery liquid i s  fed to the refinery. The overall effect of these changes is  to increase 
the overall yield of products from the refinery and to decrease both the investment and operating 
costs. These advantages explain why the coal liquid h a s g h e r  value than that of Southwest 
Louisiana crude. 

SYNERGIST IC EFFECTS 

The dramatic change in the value of light refinery liquid with the changing mix of crude oi l  and 
coal liquid can be explained by examining the gasoline pool. For the al l  crude case it i s  costly 
to the refiner to make 93 RON unleaded gasoline, and anything which relieves the difficulty i s  
valuable to the refinery. Since the light refinery liquid i s  highly naphthenic, i t  produces a high 
octane reformate which i s  desirable for blending into the gasoline pool. Case II, (25% coal 
liquid) takes ful l  advontage of this material by blending off the high octane components with 
reformate from the Southwest Louisiana naphtha. Since this minimizes yield losses from reforrn- 
ing of  the straight run naphtha, the value of the coal liquid i s  increased proportionately. There 
is a definite economic advantage in converting most of the coal liquid to gasoline. With only 
a small amount of coal liquid in the crude mix, essentially a l l  of it i s  converted to gasoline. 
Cases 111, IV, and V fail to take ful l  advantage of the tremendous potential of the coal liquid 
to produce gasoline since more and more of it must be used in No. 2 fuel o i l  to fulf i l l  the product 
requirements. Since this i s  a less attractive use for it, the calculated value of the coal liquid 
decreases 
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As the net octane required from the processing of crude decreases, the value of incremental barrels 
of high octane blend stock also decreases. This change continues until the refinery becomes a pre- 
dominantly cool liquid refinery, when the value of the coal liquid reformate and the coal liquid 
itself stabilizes. Due to the gasoline pool effect, the additive value of mixing coal liquid with 
crude can be expected to increase with an increase in the required pool octane value. The clear 
octane used in  the study i s  93 RON clear; however, values up to 95 RON clear or higher are 
being discussed and projected for the 1980 gasoline pool. 

POTENTIAL VARIATIONS IN COAL LIQUID VALUE 

The above results illustrate that coal-derived liquid can be a very valuable feedstock to a petro- 
. leum refinery even in comparison to a good quality feedstock such as Southwest Louisiana crude. 

Even though this study indicates that the value of the coal liquid is,greatest when i t  i s  used to 
supplement crude oi l  in a petroleum refinery, it i s  significant that an a l l  coal liquid refinery 
would save approximately $25,000,000 in  investment over a conventional refinery. This would 
hove economic odvantages i f  the petroleum refinery were included os part of the COG Refinery. 

This study was made for a typical refinery in the Kentucky-Illinois area but even a typical refinery 
does not adequately illustrate the ful l  extent of benefits available by supplementing crude o i l  with 
coal liquid. 
would be greater i f  different bases were used for the LP comparisons. 

Several examples are discussed below to indicate how the value of the coal liquid 

One obvious case i s  that with a refinery making more than 60% gasoline. The LP in a l l  cases in- 
dicates that there i s  incentive to relax the restriction on gasoline yield. According to the LP 
calculations the total profitability for the refinery would be increased in a l l  cases by increasing 
the gasoline yield, but the increase in profitability would be greater for the coal liquid cases. 

A second example would be to permit the refinery LP model to make some chemicals rather than 
a l l  fuels. I t  i s  known that there are considerable quantities of benzene, toluene and xylenes in 
the reformates produced from the coal liquid. The presence of significant quantities of aromatics 
has been confirmed by other investigations. If these materials were recovered as chemicals, the 
profitability of the refinery would be greater in a l l  cases but would be increased more significantly 
when coal liquid was used. Thus, production of benzene, toluene and xylene from the refinery 
should significantly increase the calculated value of the coal liquid. 

A third case would be to compare the cool liquid against a different type of crude oil. Much of 
the value of the coal liquid i s  due to the high yields of high octane reformates, This characteristic 
makes the coal liquid very valuable even with a high cyclic content feed material such as Southwest 
Louisiana crude. With a crude having a lower cyclic content in the naphtha boiling range the coal 
liquid would become even more valuable. 

It i s  recognized that the calculated value of the coal liquid i s  somewhat dependent on the assumed 
value of the crude oi l  i t  replaces. For example, i f  the crude o i l  were available at no cost the cal- 
culated value of the coal liquid would be very low. On the other hand i f  the assumed value were 
higher than $3.50 per barrel the coal liquid would have a greater calculated value. Even though 
transportation costs were considered, the $3.50/Bbl for Southwest Louisiana crude moy actually be 
higher for a location in the Kentucky-Illinois area. The assumed value of the crude affects the 
overall profitability but does not affect the refinery configuration or the schedule of products. 

The assumed prices for products also have a significant effect on the calculated value of  the coal 
liquids. Unlike changes in the crude price, however, the product prices can hove a significant 
effect on the refinery configuration and the product slate. Sensitivity evaluation of the effect of 
product prices would require additional optimization studies which are beyond the intended scope 
of  this project. 
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In addition to i t s  high cyclic content, one of the most significant feotures of the coal-derived liquid 
i s  i ts low sulfur content (less than 0.01%). Since there i s  a shortage of low-sulfur fuels of al l  types, 
the alternate use of this material directly as a fuel rather than as a refinery feedstock should also be 
considered. In the Kentucky-Illinois area residual fuel of less than 1% sulfur sells for $4.62 per 
barrel(3). Therefore after a simple distillation to remove light ends, the light refinery liquid could 
be sold directly as a fuel and should be worth at least $4.62. I t  would appear that under the current 
assumptions a refinery could afford to pay this price for the coal liquid only i f  i t  represents less than 
half of the total refinery feed. Thus, i t  i s  likely that the coal liquid would be sold in some cases 
as a low-sulfur fuel oi l .  If sold as a fuel oil, however, there would really be no advantage in pro- 
ducing such a low-boiling material. This would allow the investment for the COG Refinery to be 
decreased and thereby increase its profitability. This means that a complete optimization study 
would have to include the entire COG Refinery. While it i s  an interesting possibility, it i s  well 
beyond the scope of this work. The important point here i s  that there would be some competition 
between a refinery and industrial fuel uses for the liquid produced in a COG Refinery. 

SUMMARY 

The results of this study clearly show that compared to $3.50 per barrel for Southwest 
Louisiana crude oil, the value of the light refinery liquid produced from a COG Refinery varied 
from $4.30 to $5.07 per barrel depending upon the relative amounts of crude oi l  and coal liquid 
fed to the refinery. Even though the highest value i s  calculated when the coal-derived liquid i s  
used to supplement the crude oil, it offers significant investment savings when used as the sole 
feedstock to the refinery. The basis selected for this study are felt to be conservative and it i s  
probable that other equally reasonable cases would have yielded an even higher value for the 
light refinery liquid. 

(1) PROJECT COED, U.S. Government Contract 14-01-001-498, Hydratreating Studies - Part I I  - 
Appendix I X ,  

(2) Project Gasoline Pre Pilot Plant Phase I Research on CSF Process, Vol. II., Part I I .  

(3) Oil 8 Gas Journal, Vol. 69, No. 45, (Nov. 8, 1971). 
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Hydrogenated COED O i l  

John J .  Johns 

J. J. Johns Assoc ia t e s ,  Vi l lanova ,  Pennsylvania  

John F. Jones and B e r t  D. McMunn 

FMC Corpora t ion ,  P r ince ton ,  New J e r s e y  

I n t r o d u c t i o n  

The  COED p rocess  conve r t s  c o a l  by f lu id ized-bed  p y r o l y s i s  i n t o  
gas ,  o i l  and char .  Under P r o j e c t  COED, which i s  sponsored by the  
O f f i c e  of Coal Research of t h e  Department of t h e  I n t e r i o r ,  a 30 B/D 
f ixed-bed c a t a l y t i c  hydrogenat ion p i l o t  p l a n t  w a s  cons t ruc t ed  and 
opera ted  f o r  t h e  hydrogenat ion of COED o i l s .  This  f a c i l i t y  ope ra t e s  
w i th  a 36 T/D c o a l  p y r o l y s i s  p i l o t  p l a n t .  The C e n t r a l  Research.and 
Development Department of t h e  FMC Corporat ion conducts t h i s  work. 

As would be expec ted ,  COED o i l s  a s  produced have a high dens i ty  
and a low hydrogen c o n t e n t .  I n  a d d i t i o n ,  they have a h igh  concent ra t ion  
of heteroatoms--oxygen, n i t r o g e n  and s u l f u r .  Hydrogenation i s  necessary 
t o  produce a s y n t h e t i c  c rude  o i l  from t h e  COED o i l  t o  €it i n  w i t h  con- 
v e n t i o n a l  r e f i n e r y  p rocess ing .  
f ixed-bed hydrogenat ion t o  remove f i n e s .  The f i n e s  con ten t  o f  t h e  r a w  
o i l  i s  reduced from about  3.0 p e r c e n t  t o  less than  0 . 1  pe rcen t  by 
weight  p r i o r  t o  hydrogenat ion.  

The raw COED o i l  must be  f i l t e r e d  before  

The hydrogenat ion p i l o t  p l a n t  was s t a r t e d  up i n  May, 1 9 7 1  a f t e r  
r e s o l u t i o n  of a number o f  mechanical problems. Except f o r  recur rence  
of s e v e r a l  m i n o r  mechanical  problems, ope ra t ion  has  proceeded s a t i s f a c t o -  
r i  l y  . 
P i l o t  P l a n t  Design 

The  p i l o t  p l a n t  i s ,  i n  gene ra l ,  of convent iona l  r e f i n e r y  hydro- 
t r e a t i n g  design.  The major equipment c o n s i s t s  of downflow r e a c t o r s  
w i th  makeup and r e c y c l e  hydrogen compressors and h e a t e r s .  N o  down- 
stream o r  upstream d i s t i l l a t i o n  equipment i s  included.  D e t a i l s  were 
publ i shed  i n  a p r o j e c t  r e p o r t  t o  t h e  Of f i ce  of  Coal Research' .  

One  somewhat unusual  f e a t u r e  is t h e  use of a guard chamber- 

A l l  r e a c t o r s  a r e  

type  reactor ahead of t h e  main r e a c t o r s .  This  was i n s t a l l e d  because 
it w a s  f e a r e d  t h a t  r e s i d u a l  f i n e  s o l i d s  o r  t h e  caking  c h a r a c t e r i s t i c s  
of t h e  charge s t o c k  might p lug  t h e  main r e a c t o r s .  
i n  series. 
of t h e  guard chamber. 

To d a t e  no d i f f i c u l t y  has  been experienced wi th  plugging 

T h e  des ign  feed  t o  t h i s  h y d r o t r e a t i n g  u n i t  w a s  30 B/D of 
f i l t e r e d  COED o i l  w i th  a g r a v i t y  of l e s s  t han  zero  '?PI. The t o t a l  
r e a c t o r  des ign  w a s  f o r  a 1 . 0  hourly space v e l o c i t y  on a weight b a s i s .  
The ca ta lys t  charged t o  t h e  r e a c t o r s  was HDS-3 c a t a l y s t  produced by 
American Cyanamid Co. 
N i O  and 15 percen t  MooB on alumina. 
t o  r e c y c l e  enough hydrogen t o  produce a ratio of  18,000 sc f /bb l .  The 
maximum temperature  and p r e s s u r e  were designed t o  be 950'F. a t  3300 
p s i g .  

Th i s  i s  a 1/8-inch e x t r u d a t e  wi th  3 pe rcen t  
The compressors were designed 
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Hydrogenation Results 

All of the runs reported in this study were made with a COED 
oil produced from the pyrolysis of a Colorado coal from the Bear Mine. 
This is a high-volatile B bituminous coal. The analysis of the feed 
oil is shown in Table I. 

Demetalization 

Unlike most petroleum crudes, there were very few major 
metallic ingredients in the COED oil. The analyses of the feed and 
product oil after hydrogenation are shown in Table 11. 

fectively removed iron, aluminum and silicon. Only minor effect was 
noted on the boron, sodium and vanadium concentrations. 

Treatment with hydrogen over a hydrogenation catalyst ef- 

Heteroatom Removal 

Several long-term runs were made on the hydrogenation pilot 
plant. These were mainly at lower-than-design temperatures and space 
velocities while maintaining high recycle hydrogen rates. The results 
of these runs are shown in Table 111. 

. .\ 
The results shown in Table I11 are presented graphically in 

Figures 1 and 2. Because of the exothermic nature of the reaction 
and the spacing of the thermocouples, the reactor temperatures varied. 
The average throughout the beds was 650-750OF. Additional runs at 
higher temperatures and higher space velocities are planned and will 
be reported later. 

As is noted on Figure 1, the heteroatom removal of sulfur, 
nitrogen and oxygen compounds is essentially complete at the lower 
space velocities and at the reactor conditions prevailing. Nitrogen 
was the most difficult component of the COED oil to remove on hydro- 
treating. Sulfur and oxygen were less difficult and almost identical, 
not only in the relative difficulty of removal, but also in the effect 
of changes in space velocity. 

upon API gravity of the heavy oil product is shown in Figure 2. As 
would be expected, the lower the space velocity, the higher the API 
gravity. 

The effect of space velocity, other conditions nearly constant, 

Because of the few runs so far from this hydrotreating pilot 
unit, no direct comparison can be made to previous studies’, 3 .  In 
general, however, the results presented here from the hydrotreating 
pilot unit tend to confirm the earlier bench-scale studies from the 
AtlanticRichfield studies. They also prove that adequate heteroatom 
removal in commercial units is possible at modest severities. 

Product Inspections 

A sample of the hydrotreated COED oil from Run H3D (maximum 
heteroatom removal) was distilled into several fractions. These 
fractions represent the conventional distillation ranges for gasoline, 
middle distillates, gas oil and bottoms produced in conventional 
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petroleum r e f i n i n g .  The approximate y i e l d s  o f  t h e s e  va r ious  c u t s  are 
shown i n  Table I V .  The d i s t i l l a t i o n  curves  f o r  t h e  r a w  COED o i l  and 
f o r  t h e  hydro t r ea t ed  COED o i l  are p resen ted  i n  F igure  3 .  

The r e s u l t s  of t h e  product  i n s p e c t i o n s  on t h e s e  va r ious  c u t s  
are presented  i n  Table  V. A l s o ,  an ASTM d i s t i l l a t i o n  of  t h e  gaso l ine  
bo i l ing - range  m a t e r i a l  i s  p re sen ted  i n  F igure  4 .  

From t h e s e  petroleum-type i n s p e c t i o n s  it can be r e a d i l y  s e e n  
t h a t  hydro t rea ted  COED o i l  i s  a s a t i s f a c t o r y  crude o i l  charge t o  a 
petroleum r e f i n e r y .  These i n s p e c t i o n s  show t h a t  t h e s e  c u t s  can be 
adequate ly  blended i n t o  convent iona l ly  produced r e f i n e r y  streams. 
The g a s o l i n e  and middle  d i s t i l l a t e  s t o c k s  e x h i b i t  a h igh  gum content .  
This  gum can b e  v i r t u a l l y  e l imina ted  by any number of  convent iona l  
r e f i n e r y  t r e a t i n g  p rocesses .  

The middle d i s t i l l a t e s  f r a c t i o n  i s  somewhat low i n  g r a v i t y ,  
as would be  suspected.  I t  would be a n t i c i p a t e d ,  however, t h a t  it 
would be v e r y  h i g h  on a Btu p e r  volume b a s i s .  N o  a t tempt  was made 
t o  e v a l u a t e  t h e  s p e c i a l  p r o p e r t i e s  of  such middle d i s t i l l a t e  f r a c t i o n s  
as j e t  f u e l ,  kerosene,  d i e s e l  f u e l  or N o .  2 f u e l .  Color and c o l o r  
s t a b i l i t y  a r e  e x c e l l e n t .  

The h ighe r  b o i l i n g  c u t s  also appear  t o  be adaptab le  t o  con- 
v e n t i o n a l  r e f i n i n g  t echn iques .  The gas  o i l  f r a c t i o n  has  a l o w  carbon 
r e s i d u e  o f  0.03 w t .  p e r c e n t  and m e t a l s  of  less than  0 .2  ppm n i c k e l  
and vanadium. From t h e  u l t i m a t e  a n a l y s i s  it would appear  t h a t  t he  
r e s i d u e  b o i l i n g  h ighe r  t han  800'F. would make e x c e l l e n t  feeds tock  f o r  
a carbon-black p l a n t .  From t h e s e  ana lyses  t h e r e  i s  an i n d i c a t i o n  o f  
concen t r a t ion  of t h e  n i t rogen-con ta in ing  molecules  i n  t h e  gas  o i l  and 
r e s i d u e  f r a c t i o n s ;  no s i m i l a r  concen t r a t ion  of  s u l f u r  o r  oxygen i s  
noted .  The gas oil f r a c t i o n  should  make e x c e l l e n t  f eed  f o r  e i t h e r  a 
c a t a l y t i c - c r a c k i n g  or hydrocracking u n i t .  
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TABLE I 

Analysis of Feed Oil 

Oil Source 
Moisture, w t . %  
Quinoline Insoluble, w t . % ,  dry 
Ultimate Analysis, wt.%, dry 

Carbon 
Hydrogen 
Nitrogen 
Oxygen 
Sulfur 
Ash 

'-1 Gravity, 6O0F./6O0F. 
Pour Point, OF. 

Viscosity, SUS 

Oxygen determined by difference. 
Viscosity determined at 21O0F. 

Colorado Bear 
0.20 
0.00 

83.05 
8.35 
1.10 
0.35 
7.15 
0.00 

-4 to -5 
118 
350 

1090 
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TABLE I1 

Special Analyses of Feed and Product Oil 

Run No. 
Metals Analysis, ppm 
Iron 
Lead 
Copper 
C hromi um 
Aluminum 
Nickel 
S i lver 
Tin 
Silicon 
Boron 
Sodium 
Phosphorus 
2 inc 
Calcium 
Barium 
Vanadium 
Magnesium 
Titanium 

Feed - 
3 50 
<1 
<1 
<1 
60 
<1 
<1 
<1 
23 
9 
6 

< 100 
< 100 
< 100 
< 100 

7 
2 

<1 

Conradson Carbon, Wt. % 1 - 

1 
On a 10% ASTM distillation residue. 

Product 
H3D 

<1 
e 1  
<1 
<1 
<1 
<1 
<1 
<1 
<1 
5 
2 

< 100 
< 100 
< l o o  
< 100 

6 
. < 1  
<1 

0.31 

i 
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TABLE I11 

Analys is  of Heavy O i l  .Product 

Run N o .  
Feed R a t e ,  lb . /hr .  
Space Veloc i ty ,  l b .  o i l /hr . /  

l b .  c a t a l y s t  
Moisture ,  w t . %  
Qu ino l ine  Inso lub le ,  w t . % ,  d r y  
U l t i m a t e  Analys is ,  w t . % ,  dry 

Carbon 
Hydrogen 
Nitrogen 
S u l f u r  
Oxygen' 
Ash 

O A P I  Gravi ty ,  60°F./600F. 
Pour Po in t ,  OF. 
F lash  Po in t ,  OF. 
V i scos i ty ,  sus 
Heteroatom R e m o v a l ,  % 

S u l f u r  
Nitrogen 
Oxygen 

H 3  
183.7 

0.24 

0.31 
0.03 

88.12 
11.76 

0.02 
0 .02  
0.08 
0.00 
24.4 

55 
95 
46 

94.3 
98.2 
98.9 

H 4  
298.2 

0.38 

1.42 
0 .01  

87.49 
10.88 

0.40 
0.04 
1.19 
0.00 
15.1 

60 
140 
182 

88.6 
63.6 
83.4 

H 3 D  
199.6 

0.26 

0.00 
0.00 

88.00 
11.60 

0.01 
0 . 0 1  
0.38 
0.00 
24.5 

60 
168 

44  

97.1 
99.1 
94.7 

A l l  runs  made a t  2500 p s i  a t  tempera tures  between 
650-750OF. w i t h  American Cyanamid AERO HDS-3 c a t a l y s t .  ' Oxygen determined by d i f f e r e n c e .  
V i scos i ty  determined a t  100°F. 

H5 
499.0 
0.64 

0.90 
0 . 0 0  

86.90 
10.00 
0.90 
0.10 
2.10 
0 . 0 0  

9 . 1  
70 

182 ' 

1041 

71.4 
18.2 
70.6 
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TABLE I V  

Product  Y i  e Id  s 

G a s o l i n e ,  IBP-40O0F. 
M i d d l e  D i s t i l l a t e s ,  400-600°F. 
G a s  O i l ,  600-800°F. 
R e s i d u a l ,  Above 800'F. 

VOl. % of 
H y d r o t r e a t e d  O i l  

17 
36 
31 
16 

J 



Run No. 
Cut, OF. 
Moisture, wt.% 
Quinoline Insoluble, 

Ultimate Analysis, 
wt.%, dry 

wt.8, dry 
Carbon 
Hydrogen 
Nitrogen 
Sulfur 
Oxygen 
Ash 

'?@I Gravity, 60°F./600F. 
Pour Point, OF. 
Flash Point, OF. 
Freezing Point, OF. 
Cloud Point, OF. 
Smoke Point 
Viscosity, SUS @lOO°F. 
Color 

Conradson Carbon, wt.%4 
Reid Vapor Pressure, 
@lOO°F., psi 

Copper Strip 
Gum, mg./100 ml. 
Octane No. 
Aromatics 
Olefins 
Saturates 
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TABLE V 

Analyses of H3D Cuts 

H3D ' 

IBP-400 400-600 600-800 
0.2 <0.2 c0 .2  

0.0 0.0 0.0 

86.20 
13.74 

0.02 
0.02 
0.00 
0.02 

45.1 - 
- 
- 
- 
- 
<32 - 
- 

87.20 
12.40 
0.06 
0.01 
0.33 
0.00 

-121 
148 

<-60 
10 

28.9 

- 

32.4 
lighter 
than 1.0 
0.02 

88.39 
11.51 
0.10 
0.00 
0.00 
0.00 

'-31 
20.1 

- 
- 
- 
- 

52.0 - 
0.03 

1.1 - - 
1B 

2026 - 63.0 
Too much gum for analysis - 

15.7 47.5 - 
1.4 1.4 - 

8 2 . 9  51.1 - 

- - 

1 Oxygen determined by difference. 
2 Specific gravity at 210OF. 
3 SUS @210°F. 
On a 10% ASTM distillation residue. 

Residue 
<0.3 

0.0 

88.94 
10.89 
0.16 
0.01 
0.00 
0.00 
0.926' - 
- 
- 
- 
- 

56.83 - 

- 

- 
- 
- 
- 
- 
- 
- 

i 
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QUALITY OF SYNTHETIC GASOLINE FROM COAL 

S. A. Qader, S U r j l t  Slngh and Q. R. H I 1 1  

Univers i ty  o f  Utah 
Department o f  Mining, Meta l lu rg ica l  and Fuels Engineering 

S a l t  Lake City, Utah 84112 

In t roduc t ion  

Gasoline can be produced f r o m  coal by a two stage process wherein 
coal gets converted t o  a syn the t ic  crude by hydrogenation, solvent 
extract ion,  py ro l ys i s  o r  carbonization i n  the  f i rst  stage and the  
syn the t ic  crude thus produced gets converted t o  gasol ine i n  the second 
stage by hydroprocessing. The qua l i t y  o f  gasol ine depends upon the  
type o f  coal, the coal conversion process, t h e  q u a l i t y  o f  the  syn the t ic  
crude and the  condi t ions o f  hydroprocessing o f  the  crude. 
are expected t o  be h igh  i n  aromatic content (60-902) when compared t o  
petroleum gasolines s ince  they are produced f rom h igh l y  aromatic (>75% 
aromatics) feed stocks. They, therefore, w i l l  have high octane rat ings. 
A i r  q u a l i t y  standards mqy f o r b i d  the use o f  such high aromatic gasolines 
i n  automobiles i n  the very near fu tu re  and it, therefore, becomes neces- 
sary t o  reduce t h e  aromat ic i t y  o f  coal gasoline t o  make i t  acceptable. 
Though the coal der ived gasolines are known t o  be high i n  aromatic 
content and octane value, no t  much data was ubl ished i n  the l i t e r a t u r e  

of coal naphthas by  the hydrocracking o f  coal o i l s  i n  a bench scale 
f i xed  bed system. High q u a l i t y  naphthas having very small  quant i t ies  
of su l fu r ,  n i t rogen and oxygen were obtained. The c lear  research octane 
numbers o f  the naphthas var ied between 80 and 91. I n  the present 
inves t iga t ion ,  data on the production o f  gasoline from d i f f e r e n t  coal 
o i l s  by hydroprocessing and the  nature o f  t h e  products are reported. 
Production o f  low aromatic gasolines from coal gasol ine and i t s  e f f e c t  
on the  economics o f  the coal hydrogenation process are discussed. A 
case f o r  the  product ion o f  BTX from coal i s  presented. 

Coal gasol ines 

on t h e i r  nature and q u a l i t y .  Qader and H i l l  'I reported the preparation 

Experimental 

L w  temperature ta r ,  py ro lys is  t a r  and solvent ex t rac ted  coal were 
I prepared i n  l a  o ra to ry  scale equipment from a high v o l a t i l e  bituminous 

scale f ree f a l l  d i l u t e  phase system3 from the  same coal. 
ca ta lys ts  were used i n  the hydrore f in ing  and hydrocracking of coal o i ls4.  
The eva lua t ion  o f  the raw mater ia ls and products was done by standard 
methods. 

coal from Utah !l . Hydrogenation o i l  (coa l  o i l )  was prepared i n  a bench 
Comnercial 



-37- 

Gasoline was prepared from coal o i l  by hydrorefining and hydro- 
The aromatics were extracted from cracking i n  a fixed bed reactor1. 

gasoline w i t h  dimethylformamide and sulfolane i n  laboratory mixed- 
S e t t l e r  apparatus a t  room temperature. 
were determined i n  the Standard Oil Company laboratories a t  S a l t  
Lake City. 

Results and Discussion 

conversion process. 
conversion processes will be d i f fe ren t  i n  nature. 
Table 1 shows tha t  the composition of the coal o i l s  i s  greatly influenced 
by the type of coal conversion process employed. 
and pyrolysis t a r s  a r e  s imi la r  i n  nature except t ha t  the pyrolysis t a r  
has s l i g h t l y  higher contents of su l fur ,  ovgen  and residue while the 
low temperature t a r  has higher contents of nitrogen and asphaltenes. 
From a prac t ica l  standpoint,  they can be considered as s imi la r  i n  
composition. The solvent extracted coal is  very much d i f f e ren t  from 
the other coal o i l s .  About 75% of the ex t r ac t  is composed of benzene 
insolubles and asphaltenes which  make i t  a very in fe r io r  qua l i ty  o i l .  
I t  a l so  has highest contents of su l fur ,  nitrogen, ovgen and residue. 
The o i l  obtained by coal hydrogenation is higher i n  quali ty when compared 
t o  other coal o i l s  and this makes i t  a b e t t e r  feed stock f o r  fur ther  
processing . 

o i l .  
i n  aromatic content and the gasoline produced from coal hydrogenation 
o i l  has the highest aromaticity. The data given i n  Tables I1 and I11 
a l so  show tha t  the d i f f e ren t  hydrocarbon types of these gasolines a re  
s imi la r  i n  composition. The coal gasolines have very high octane ratings 
because of high aromaticit ies and a computation of octane numbers from 
Figure 2 shws tha t  the c l ea r  research octane numbers of coal gasolines 
vary between 95 and 100. 
gasolines are desirable,  the high aromaticit ies might pose problems 
i n  t h e i r  future use i n  automobiles. Higher gasoline aromaticit ies will  
give rise t o  la rger  exhaust hydrocarbon emission which pollute the a i r .  
Though no l imits i n  gasoline aromaticit ies a re  imposed a t  the present 
time, i t  i s  quite concievable tha t  regulations t o  l imi t  aromaticit ies 
w i l l  come in to  e f f ec t  i n  the near future. I t ,  therefore,  becomes imper- 
a t ive  t o  reduce the aromatic contents of coal gasolines when they are  
produced on a commercial sca le .  This can be accomplished in several 
ways and the  most promising route seem t o  be by the  separation of gasoline 
aromatics by solvent extraction. The aromatic ex t r ac t  can be dealkylated 
t o  produce e i t h e r  BTX or  pure aromatics. In th i s  work, gasoline aromatics 
were extracted and gasolines containing 30, 40 and 50 percent aromatics 
were prepared s t a r t i n g  w i t h  a gasoline containing 76 percent aromatics. 
The c l e a r  research octane nuthers of the  gasolines decreased i n  s t r a igh t  
l i n e  w i t h  a decrease i n  aromatic content as shwn i n  F i g u r e  2. The data 

The research octane numbers 

The nature of the coal o i l  depends upon the coal rank and the 
Oils produced from the same coal and by d i f fe ren t  

The data given i n  

The low temperature 

T h e  composition o f  the gasoline depends upon the nature of the coal 
The data given i n  Table I1 s h w  t h a t  the coal gasolines a re  h i g h  

Though the h i g h  octane ratings of coal 
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show t h a t  gasol ine conta in ing about 50 percent aromatics w i l l  have a 
c lear  wsearch octane number of about 83. The octane number can 
probably be improved t o  a r a t i n g  of around 90 by properly ad just ing 
the concentrations o f  ind iv idua l  aromatic components o f  the gasoline. 
The composition o f  the gasoline aromatics given i n  Table I V  shows 
t h a t  80 percent o f  t h e  e x t r a c t  can be s o l d  as BTX wi thout  f u r t h e r  
processing. The remaining 20 percent of the aromatics e i t h e r  can 
be used f o r  b lending the gasoline or can be converted t o  BTX by a 
m i l d  treatment o f  dealky la t ion.  The dealky la t ion o f  the aromatic 
e x t r a c t  produced BTX i n  a y i e l d  of about 95% as shown i n  Table V. 
The product contained about 62 percent benzene. 

o f  BTX af fects  the economics of the o v e r a l l  coal hydrogenation process. 
The data given i n  Table V I  and Figure 3 ind ica te  t h a t  the economics 
can be improved s i g n i f i c a n t l y  by producing e i t h e r  gasoline and BTX 
o r  only BTX as t h e  main products. The data a lso ind icates t h a t  the  
coal t o  BTX route i s  the most-economically a t t r a c t i v e  approach. 

I 

/ 

t 
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The separation o f  aromatics from the gasoline and the production 
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TABLE I. PROPERTIES OF COAL OILS 

L.T. 
Carbon i za t i on Py ro lys i s  Sol vent- Ex t rac t  1 on Hydrogenation 

enzene Inso l  ub! f -5 ,  W t .  % 
t p h a l t e n e s ,  W t . %  
L i g h t  O i l  (up t o  2OO0C), Vol.% 
Residual O i l ,  +37OoC, Vol.% 
Sul fur ,  W t . %  
Nitrogen, W t . %  
Qxygen, W t . %  
Tar Acids (20O"-37O0C O i l )  

N i  1 
19.0 
5.0 

27.0 
0.82 
0.91 
3.8 

26.0 

2.0 43.0 
16 .O 25 .O 
7.0 3.0 

30.0 50 .O 
0.98 1.15 
0.86 1.04 
4.5 8.0 

24.0 - 
;Hydrocarbon Analysis o f  Neutral O i  1 (20O-37O0C)- 

29.0 25.0 
I 
Sat urates 
P l e f i n s  15.0 17.0 
Aromatics 56.0 58.0 

N i  1 
15.0 
18.0 
25.0 
0.64 
0.76 
2.8 

15.0 

24.0 
11.0 
65.0 

TABLE 11. COMPOSITION OF COAL GASOLINES 

"I Temp: 480"C, Pressure: 2000 ps i ,  Space Velocity: 1.0 

1 Feed Stock: L.T. Tar Pyro lys is  Tar Hydrogenation O i  1 

Conaosition, Vol. % 

Saturates 
Ole f ins  
Aromati cs 

30.0 
1.0 

69.0 

26 .O 
1 .o 

73.0 

13.0 
1 .o 
86.0 

\ 

I 
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Hydrogenation O i  1 
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TABLE 111. ANALYSIS OF GASOLINE SATURATES 

Gasol i ne From: L.T.Tar Pyro lys is  ,Tar 

Analysis, Vol.% 

N-Paraff i  ns 

‘6 3.2 1.7 

5.9 6.6 c7 

‘8 

‘9 

15.2 

14.1 

14.1 

13.2 

c lo  3.8 4.5 

‘1 1 
I so -pa ra f f i  ns 

13.8 
56.0 

14.2 rn 

‘6 3.1 1.9 

‘7 11.2 8.3 

‘8 

‘9 

10.1 12.0 

9.8 
33.2 
- 

Cycl o-parraf ins 

4.1 3.2 

6.7 7.0 m 10.2 

‘6 ~. 

‘7 

TABLE I V :  ANALYSIS OF GASOLINE AROMATICS 

GASOLINE FROM: L.T.TAR PYROLYSIS TAR 

Analysis, Yo1 .% 

Benzene 
To1 uene 
Ethy l  benzene 
Xylenes 
Propy lbenzenes 
Bu ty l  benzenes 
Indanes 
Uni dent i  f i  ed 

33.9 
18.2 
4.5 

25.8 
2.5 
9 .o 
4.1 
2.0 

30.7 
20.2 
2.8 

27.2 
3.5 
7.0 
5.1 
3.5 

1 
/I 0.9 

7.4 I 
12.7 

15.5 

2.1 

2.8 i 

10.1 

16.2 

10 .o m 

1.7 i 

HYDROGENATION 

40.4 
14.8 
5.5 

19.4 
1.6 

11.3 
4.5 
2.5 

! 
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TABLE V. COMPOSITION OF THE DEALKYLATED PRODUCT 

Temp: 450°C, Pressure: 1000 ps i ,  Space Velocity: 1.0 

Composi t i  on 

Benzene 
Toluene 
Ethylbenzene 
Xylenes 
Propyl benzenes 
B u ty  1 benzenes 
Indans 
Uni den ti f i e d  

Volume % 

62.5 
20.4 

3.0 
9.1 

n i  1 
2.5 
1.5 

) 1.0 

TABLE V I .  ECONOMIC SUMMARY \ :OAL-GASOLINE-BTX 

Capacity: 100,000 BBL/Day Crude O i l  o r  46,000 TPD Coal 

Coal- Gas o l i  ne 
(Base Case) (BTX: 15#/Gal) 

Coal-Gasol i ne 

rn$ MM$ 
418.5 
41.9 

' 460.4 
? b t  (65% o f  Tota l  Investment): 
i u i t y  (35% o f  To ta l  Investment): 

I h c t  ~1 ant Operating Cost: 
?venue Required: 
l e d i t  f o r  Byproducts : 
-.eduction Cost o f  Product: 
,:eduction Cost o f  Gasoline: 
3oduction Cost o f  BTX: 

,q Year Average Product Price: 
>sol ine #/Gallon: 

299.2 
161.2 
134.8 
196.0 
53.7 

142.3 
- 

11.9 - 

440.6 
44.1 

484.7 
325.1 
159.6 
136.5 
200.8 
142.8 

57.2 
- 

9 . 9  
- 

Coal -BTX 
(Naphtha: 
10Q/Gal) 

MM% 
440.6 

44.1 
484.7 
325.1 
159.6 
137.0 
200.8 

87.9 

- 
112.1 

- 
13.3 
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Figure 1. Yield and quality of gasoline. 

GASOLINE Y I E L D ,  VOI.~/O 

Figure 2 R.0.N and aromatic content of gasoline. 
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Figure 3. Va riotion 

BTX price cents/golion. 

of gasoline price with BTX price. 
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GASOLINE VIA THE FISCHER-TROPSCH REACTION USING THE HOT-GAS RECYCLE SYSTEM 

J. J. E l l i o t t ,  W. P. Haynes, and A. J. Forney 

U. S. Department of t h e  I n t e r i o r ,  Bureau of  Mines, 
4800 Forbes Avenue, P i t t sburgh ,  Pennsylvania 15213 

I n t r o d u c t i o n  

One of the  p r i n c i p a l  problems t o  be overcome i n  t h e  development of a coa l - to-  
o i l  process  v i a  the  Fischer-Tropsch (F.T.) r e a c t i o n  i s  t h e  removal of  t h e  h i g h l y  
exothermic h e a t  of r e a c t i o n  o f  t h e  synthes is  gas  (H2+CO). 
process  h a s  been developed over the p a s t  s e v e r a l  years  by t h e  Bureau of Mines t o  
overcome this  problem.,!,/ 
c i r c u l a t i n g  l a r g e  q u a n t i t i e s  of r e c y c l e  gas through a c a t a l y s t  bed of high poros- 
i t y .  '!&e c a t a l y s t  i n  t h i s  experiment i s  a bed of  p a r a l l e l  p l a t e s  sprayed with the  
c a t a l y s t .  

The hot-gas  recyc le  

I n  t h i s  process t h e  h e a t  of  r e a c t i o n  is  removed by 

The synthes is  gas  s e n t  t o  t h e  F.T. r e a c t o r  should c o n t a i n  a minimum o f  methane 
a s  t h i s  i s  considered a n  u n d e s i r a b l e  by-product f o r  a c o a l - t o - o i l  p l a n t ,  and t h e  
s u l f u r  conten t  should be  as low as p o s s i b l e  ( l e s s  than 0 . 1  ppm). The f i r s t  re- 
quirement would d i c t a t e  a n  en t ra ined  g a s i f i e r  operated a t  very  high temperature; 
and t h e  second requirement can be achieved by a good p u r i f i c a t i o n  t r a i n  such a s  
the Bureau of Mines-developed hot-carbonate  process  followed by a f i n a l  s u l f u r -  
removal u n i t  containing a c t i v a t e d  charcoa l .  

The experiment d i scussed  i n  t h i s  paper used Alan Wood magnet i te  o r e  a s  the  
c a t a l y s t .  
i n  a n  e a r l i e r  tes t -  

Experimental Procedures and R e s u l t s  

The o b j f y t i v e  w a s  t o  improve the  product d i s t r i b u t i o n  over t h a t  found 
and to t e s t  t h e  use of  a cheap o r e  as the c a t a l y s t .  

F ig .  1 shows a schematic diagram of  the hot-gas  r e c y c l e  system as developed 

The r e -  
f o r  t h e  synthes is  of o i l s .  The feed gas  i s  fed t o  t h e  r e a c t o r  with t h e  recycle  
gas .  The recyc le  gas  i s  a mixture  of ho t  and cold r e c y c l e  gas  streams. 
c y c l e  gas  temperature and volume a r e  c o n t r o l l e d  t o  hold t h e  temperature rise t o  
about  5OoC ( 9 0 9 )  over  t h e  r e a c t o r  or  the  c a t a l y s t  bed. 
stream is employed t o  remove product water from t h e  r e c y c l e  stream and thus con- 
t r o l  t h e  water  conten t  of t h e  e n t e r i n g  gas mixture  a t  a low enough l e v e l  t o  pre-  
vent  ox ida t ion  of t h e  i r o n  c a t a l y s t .  

The cold r e c y c l e  gas  

The c a t a l y s t  f o r  t h e  p r e s e n t  t es t  (Ha 34) was prepared by flame-spraying 

The sprayed steel s h e e t s  were then assembled i n t o  g r i d s  t o  f i t  
powdered Alan Wood magnet i te  o r e  onto  p ieces  of s t e e l  shee t  t o  a thickness  of  
about  20 m i l s .  
i n t o  t h e  3-inch e x t r a  heavy s t e e l  p i p e  r e a c t o r .  Fig. 2 shows the  p l a t e s  and g r i d s .  
Fig.  3 shows the  method of  flame-spraying. The magnet i te  coated g r i d  sec t ions  were 
dipped i n t o  a 6% aqueous s o l u t i o n  o f  potassium carbonate  f o r  5 minutes and a f t e r  
dry ing  were charged t o  t h e  r e a c t o r .  (Concentration of K20 on the  impregnated c a t a -  
l y s t  was 0.13%.) 
on-stream w i t h  syn thes is  g a s ,  1.4 p a r t s  hydrogen t o  1 p a r t  carbon monoxide. 

Following reduct ion  with hydrogen a t  380-40OoC, t h e  u n i t  was put  

The system p r e s s u r e  w a s  held a t  400 ps ig  during s y n t h e s i s .  C02 was scrubbed 
The cold r e c y c l e  g a s  amounted t o  1.5 t o  2 vol -  from t h e  cold recyc le  gas stream. 

umes per  volumes of  f r e s h  gas .  
used h o t  and unscrubbed. 

The remaining (about 18 volumes) recyc le  gas was 
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Reactor Performance 

Product y i e l d s  of experiment HGR 34 f o r  1000 and 2000 space v e l o c i t y  opera- 
t i o n  a r e  presented i n  t a b l e  1. Also presented f o r  comparison of  product d i s t r i -  
bu t ion  a r e  y i e l d s  obtained i n i t i a l l y  i n  experiment HGR 33 a t  600 hourly space 
v e l o c i t y  operat ion using a flame-sprayed D3001 i r o n  c a t a l y s t ,  not impregnated 
with a l k a l i  m e t a l .  
Alan Wood magnet i te  c a t a l y s t  i n  experiment HGR 34 i s  bel ieved t o  be  la rge ly  re -  
sponsible  f o r  producing a g r e a t e r  propor t ion  of g a s o l i n e  range hydrocarbon than 
t h a t  shown i n i t i a l l y  i n  experiment HGR 33. While t h e  D3001 c a t a l y s t  conta ins  K20, 
i t  i s  not a s  a c c e s s i b l e  as the K20 impregnated on t h e  sur face  of t h e  Alan Wood 
magnetite. 
been l o s t  i n  t h e  flame-spraying. 

(See a n a l y s i s . )  The presence of a l k a l i  metal  on the  sprayed 

Also, it i s  bel ieved most of t h e  K20 i n  t h e  D3001 c a t a l y s t  may have 

The experimental r e s u l t s  a l s o  i n d i c a t e  t h a t  the c a t a l y s t  i n  HGR 34 w a s  q u i t e  
a c t i v e .  
only s l i g h t l y  lower conversion a t  2000 hourly space v e l o c i t y  a t t e s t  t o  t h e  high 
a c t i v i t y  l e v e l  of t h i s  c a t a l y s t .  

The 98.8% conversion of carbon monoxide a t  1000 hour ly  space v e l o c i t y  and 

TABLE 1. - Hot-gas recyc le  synthes is  r e s u l t s -  

Exp. No. Exp. No. 
HGR 33 HGR 34 

6 00 
52 

400 

269 
20 

73.4 
80.6 
76.4 
93.6 

7.4 

59.7 
6.6 

31.8 
1.9 

0 
0 

1000 
15.9 

400 

325 
50 

90.9 
98.8 
94.4 
90.8 

9.5 

36.5 
1 4 . 1  
43.7 

5.0 
0.4 
0.3 

1000 
20.4 
400 

320 
40 

90.1 
98.2 
93 .a 
87.8 

10.3 

33.9 
13.3 
48.5 

4.0 
0.2 
0.1 

2000 
14.4 

400 

325 
50 
83 

94.4 
87.5 
96.6 

11.6 

29.5 
12.8 
53.0 

3.8 
0.5 
0.4 

. Cata lys t  Analvsis  

Analyses of t h e  Alan Wood2Tagnetite c a t a l y s t  a r e  shown below, a s  is a l s o  t h e  
D3001 c a t a l y s t  used i n  Exp. 33- experiment. 

Fe C i s  known as H'agg c a r  i d e  and i s  considered t o  be a d e s i r a b l e  form of  
20 9 39 c a t a l y s t  f o r  t h e  F.T. react ion.-  
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Discharged 
Alan Wood 

Alan Wood Magnetite 
Magnetite (Sect ion 4) 

I ron  (Fe) - - _ _  - - - - - -- - --- - - - - 
Magnesium oxide  (MgO) ------- 4.6 0.09 0.04 

66.8% 66.1 85.2 (Fe2O3) 
Chromium oxide (Cr202) ------ 0.8 0.08 0.0 

Manganese oxide (Mn304) ----- 0.05 0.04 0.02 
Potassium oxide (K20) ------- 0.61 0.13 0. l o  
S i l i c o n  d ioxide  (Si02) ------ 0.62 5.4 0.50 
Titanium oxide  (TiOq) ------- 0.5 

The x-ray a n a l y s i s  of t h e  HGR 3 4  c a t a l y s t  taken from t h e  12 s e c t i o n s  a f t e r  
d i scharge  are shown below: 

Sec t ion  Phase 1 Phase 2 Phase 3 

1 (bottom - gas i n l e t )  
2 
3 
4 
5 
6 
7 
8 
9 

10 
11 
12 ( top  - gas  o u t l e t )  

Fe20C9 
Fe20C9 

aFe 
o;Fe 

Fe20C9 
Fe20C9 
Fe20C9 
Fe20C9 

W e  
aFe 
aFe 
@e 

The experiment was ended v o l u n t a r i l y  a f t e r  540 hours  o f  s y n t h e s i s ,  and t h e  
p l a t e s  were removed and k e p t  under inert  gas .  The f o u r t h  p l a t e  from t h e  bottom 
showed b l i s t e r i n g  o r  s e p a r a t i o n  o f  the c o a t i n g  from the s t e e l  s h e e t  although the  
c o a t i n g  w a s  i n t a c t  u n t i l  the samples were taken. 
c l e a n  but  t h e  top f o u r  contained loose  carbon and loose  coa t ing .  The top two 
g r i d s  were of  s t a i n l e s s  s teel  and l o s t  a l l  t h e i r  coa t ing ;  t h e  o t h e r  10 were of 
carbon steel. The use f s t a i n l e s s  s t e e l  p l a t e s  i s  apparent ly  not d e s i r a b l e  owing 
t o  t h e  d i f f i c u l t y  of  r & i n i n g  the Alan Wood magnet i te  coa t ing .  The flow of gas 
i s  upward, and t h e  h o t t e s t  temperature (about 35OoC) i s  a t  t h e  top where the  carbon 
i s  formed. It is p o s s i b l e  t h a t  35OoC is too  h i g h  a temperature t o  opera te  a n  i r o n  
c a t a l y s t  though t h i s  conclus ion  depends on t h e  CO p a r t i a l  p ressure  t h a t  t h e  c a t a -  
l y s t  a c t u a l l y  "sees". 

The lower e i g h t  assemblies  were 

O i l  and Water Analyses 

The o i l  analyses o f  t h e  l i g h t  and heavy o i l s  showed Bromine numbers between 
30 and 40 f o r  the l i g h t  o i l  and between 8 and 10 f o r  t h e  heavy o i l  i n d i c a t i n g  t h a t  
t h e  o l e f i n i c  content  of  the o i l  i s  a maximum of  about 22%. Most of  the  product o i l  
is  l i g h t  o i l  as shown i n  Table  1. The o i l  was s l i g h t l y  a c i d i c  i n d i c a t i n g  produc- 
t i o n  of organic a c i d s ,  p r i n c i p a l l y  a c e t i c  a c i d .  

The water  a n a l y s i s  averaged about 94% water ,  t h e  balance being a lcohols ;  t h e  
major a l c o h o l  was e thanol  w i t h  lesser amounts of  methanol, propanols ,  and butanols .  

i 
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Gas Analysis 

A t y p i c a l  t a i l  gas  a n a l y s i s  is: 

H2 44.3% C2H4 0.3% C&10 1.3% 
co 9.7 C2H6 6.5 C5H10 0.6 

0.9 c3H6 0.9 C5Hlo 0.5 
C02 7.9 
cH4 21.4 c4H8 1.1 C6H14 0.1 

c3H8 4.5 c6H12 0 .2  
N2 

Note the  lower concent ra t ion  of t h e  o l e f i n s ;  t h i s  i s  assumed t o  be due t o  t h e  
formation of  a lcohols  and ac ids .  

The c3H6 (but not  c3H8) and heavier  hydrocarbons are2yonsidered i n  t h e  gaso- 
l i n e  f r a c t i o n .  Attempts were made i n  earlier experiments- t o  pass  t h e  t a i l  gas  
through a second r e a c t o r  containing n i c k e l  methanation c a t a l y s t  to  form a high-Btu 
gas  and thus  have 2 s a l e a b l e  products ,  t h e  o i l s  and t h e  high-Btu gas .  However, 
t h e  n i c k e l  c a t a l y s t  became plugged with carbon owing t o  t h e  low HZ/CO r a t i o  of 1.9 
and decomposition of t h e  h igher  hydrocarbons. 

It is  bel ieved t h a t  a s a t i s f a c t o r y  high-Btu gas  could be made from t h e  gas 
analyzed i f  t h e  higher  hydrocarbons were removed as t h e  H2/CO r a t i o  i s  above 311. 
This  would be t h e  d e s i r a b l e  method of  opera t ion  s i n c e  the upgrading of t h e  t a i l  
gas  increases  i t s  value.  

Conclusions 

The t e s t  t o  make a g a s o l i n e  product by t h e  Fischer-Tropsch r e a c t i o n  using 
sprayed p l a t e s  of magnet i te  o r e  was successfu l .  The make of g a s o l i n e  w a s  about 
60% of  t h e  hydrocarbon production. 
s y n t h e s i s ,  and t h e  test w a s  ended v o l u n t a r i l y .  The hourly space v e l o c i t y  f o r  t h e  
l a t te r  p a r t  of  t h e  experiment was 2000. 
a c t i v i t y .  
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F i g u r e  2 .  P l a t e s  and G r i d  Assemblies Used i n  t h e  P roduc t i on  o f  Gasol ine.  
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QUALTTY REQUIREMENTS FOR SNG 

George Long 

Northern I l l i n o i s  Gas Company, Aurora, I l l i n o i s  

S u b s t i t u t e  na tura l  gas (SNG) produced from l i q u i d  o r  s o l i d  f u e l s  w i l l  
iecome a major f a c t o r  i n  supplementing our  n a t u r a l  gas supply during t h i s  decade. 
ro da te ,  s i x  p lan ts  t o  produce 1.6 b i l l i o n  cubic f e e t  p e r  day o f  SNG from l i q u i d  
Fuels and two p l a n t s  t o  produce 500 mi l l ion  cubic  f e e t  p e r  day of SNG from coal  have 
ieen announced. Although t h i s  h a l f  a t r i l l i o n  cubic  f e e t  p e r  year o f  SNG is minus- 
:ule i n  r e l a t i o n  t o  t h e  23 t r i l l i o n  cubic feet o f  n a t u r a l  gas d i s t r j b u t e d  lasf. year ,  
some considerat ion must be given t o  t h e  q u a l i t y  requirements i f  t h i s  SNG i s  t o  be  
s a t i s f a c t o r y  t o  t h e  domestic gas indus t ry .  

To be a s a t i s f a c t o r y  supplement, SNG must be completely interchangeable  
t i t h  n a t u r a l  gas. 
iroduct having t h e  same composition as n a t u r a l  g a s ,  
synthesizing a product c o n s i s t i n g  of over 85% methane. 

One way t o  assure  complete i n t e r c h a n g e a b i l i t y  i s  t o  synthesize a 
In n e a r l y  a l l  cases t h i s  means 

In  the  processes  under cons idera t ioq  f o r  producing SNG from l i q p i d  o r  s o l i d  
Euels, t h e  product gas must undergo a c a t a l y t i c  methanation s t e p  t o  achieve methane 
:ontents approaching 85% methane. This  operat ion adds c o s t  t o  t h e  SNG, and it may 
lo t  b e  t o  t h e  b e s t  i n t e r e s t  of  t h e  consumer or t h e  gas indus t ry  t o  synthes ize  a high 
nethane SNG i f  o t h e r  compositions a r e  s a t i s f a c t o r y .  
t ide range oE gas cornppsitions can be s a t i s f a c t o r i l y  s u b s t i t u t e d  f o r  n a t u r a l  gas .  

nethane-hydrogen mixtures with n a t v r a l  gas .  
)etween t h e  s u b s t i t u t e  and n a t u r a l  product is  not necessary.  
:ures having between 25 bo 37% hydrogen can be t o l e r a t e d  i n  t h e  sendout gas. 

This paper w i l l  show t h a t  a 

In  1965, Grumer and Harris1 performed a study of  t h e  i n t e r c h a n g e a b i l i t y  of  
They found t h a t  complete i d e n t i t y  

Methane-hydrogen mix- 

The American Gas Association2 has  developed empir ical  i n d i c e s  t o  compute 
:he in te rchangeabi l i ty  of var ious gas mixtures used f o r  peaking. 
studied t h e  e f f e c t  of  supplemental gases  such a s  coke oven gas ,  producer gas, car- 
u r e t t e d  water gas,and hydrocarbon-air mixtures, i n  admixture with n a t u r a l  gas on 
:ombustion c h a r a c t e r i s t i c s  of appl iances .  

This  i n v e s t i g a t i o n  

In  order  t o  properly a s s e s s  t h e  i n t e r c h a n g e a b i l i t y  f a c t p r s ,  one must con- 
i d e r  t h e  use of n a t u r a l  gas and t h e  e f f e c t  of  compositional change on t h e  customers 
nvolved. Nearly 

!1-1/2 t r i l l i o n  cubic  f e e t  of  n a t u r a l  gas were d i s t r i b u t e d  i n  1970. Thirty-two per-  
:ent was so ld  t o  r e s i d e n t i a l  and commercial customers. A l l  o f  t h e s e  seven t r i l l i o n  
:ubic f e e t  were used f o r  energy i n  t h e  form o f  h e a t .  The i n d u s t r i a l  category con- 
mned 27.7% of t h e  t o t a l  i n  var ious appl ica t ions :  a s  h e a t ,  c o n t r o l l e d  atmosphere, 
:hemica1 feedstock, and o t h e r s .  The e l e c t r i c  u t i l i t y  consumed 18.3% of  t h e  gas as 
Cue1 i n  power generat ion.  The i n t e r r u p t i b l e  category o f  t h r e e  t r i l l i o n  cubic feet  
ras probably used a s  heat  because it is an economical form of  heat  f o r  t h e  l a r g e  
volume customer. The o t h e r  category includes company uses ,  t ransmiss ion  mainl ine 
fue l ,  and o ther  sales not  otherwise c l a s s i f i e d .  Over two t h i r d s  o f  a l l  t h e  gas 
d i s t r i b u t e d  i s  used i n  combustion. 

Table I shows t h e  gas demand i n  1970 a s  t o  class o f  seyvice .  

This is  not t h e  whole s t o r y .  Table I1 shows t h e  gas consumers broken down 
ln to  type o f  customer. The r e s i d e n t i a l  and commercial customers c o n s t i t u t e  99-1/2% 
,f t h e  t o t a l  number of customers, leaving only 0.6%. These 249,000 customers, 
~ n c l u d i n g  i n d u s t r i a l ,  e l e c t r i c  u t i l i t y ,  and i n t e r r u p t i b l e s ,  consume over 60% of  t h e  
ia tura l  gas .  In terms of  sheer  numbers, over 41 m i l l i o n  customers use n a t u r a l  gas  
3s f u e l  and i f  t h e  in te rchangeabi l i ty  requirements a r e  designed t o  s a t i s f y  these  
isers, t h e  balance can be handled on an inq iv idua l  b a s i s  i f  needed. Therefore, 
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t h i s  paper w i l l  address  i t s e l f  t o  q u a l i t y  requirements  o f  SNG when used as a heat  
source i n  Combustion devices  used i n  res id ,en t ia l  and most commercial and i n d u s t r i a l  
a p p l i c a t i o n s .  

The p r o p e r t i e s  o f  SNG m u s t  be  such t h a t  t h e r e  i s  minimum e f f e c t  on perfor-  
This means t h a t  t h e  

Table I11 shows t h e  in te rchangeabi l i ty  f a c t o r s  

mance of gas appl iances  when i t  i s  s u b s t i t u t e d  f o r  n a t u r a l  gas .  
SNG should g i v e  similar h e a t  inputs ,  good flame s t a b i l i t y ,  and complete combustion 
without  adjustment of t h e  appl iance .  
used f o r  assess ing  s u b s t i t u t i b i l i t y .  

In a gas appl iance  having a f i x e d  o r i f i c e ,  t h e  flow of gaseous energy or 
h e a t  input  through t h e  o r i f i c e  a t  cons tan t  p r e s s u r e  v a r i e s  d i r e c t l y  as t h e  hea t ing  
value,  h, of  t h e  gas and i n v e r s e l y  a t  t h e  square  r o o t  of  t h e  s p e c i f i c  grav i ty ,  d. 
This r e l a t i o n s h i p  is r e f e r r e d  t o  as t h e  Wobbe number. 
number of t h e  two gases  i s  wi th in  lo%,  t h e  gases  are interchangeable ,  providing othei 
factors do n o t  adversely affect  flame c h a r a c t e r i s t i c s .  
f o r  a cursory examination of t h e  i n t e r c h a n g e a b i l i t y  of  two gases  because of i t s  sim- 
p l i c i t y .  
a b i l i t y .  
t h e  Wobbe number t o  a flame speed f a c t o r .  
must no t  f a l l  below 1202 to  ensure s a t i s f a c t o r y  h e a t  input  t o  an appl iance.  For SNG 
with a hea t ing  value o f  1000 BTU/CF, t h e  Wobbe number should be  i n  t h e  range of 1335 
f 5% and a flame speed a s  low a s  p o s s i b l e .  

Empirically, i f  t h e  Wobbe 

The Wobbe number i s  usefu l  

Alone, t h e  Wobbe number does not g ive  a d e f i n i t i v e  answer t o  interchange- 
The B r i t i s h  Gas Counci l5  has  developed a combustion diagram which r e l a t e s  

In  t h i s  r e l a t i o n s h i p ,  t h e  Wobbe number 

To assess  t h e  flame c h a r a c t e r i s t i c s  of SNG burned i n  an appl iance adjusted 
f o r  burning n a t u r a l  gas ,  the i n t e r c h a n g e a b i l i t y  i n d i c e s  developed by t h e  A.G.A.  Lab01 
t o r i e s '  are be l ieved  t o  be  more usefu l  because Ibey t a k e  i n t o  account t h e  composition 
o f  the s u b s t i t u t e  gas .  

Three empir ical  i n d i c e s  were developed t o  compare flame c h a r a c t e r i s t i c s .  
These a r e ,  IL, the  l i f t i n g  index, IF, t h e  f lashback index, and Iy, t h e  yel low-t ip  
index. These ind ices ,  v a l i d  f o r  gases  having a hea t ing  va lue  g r e a t e r  than 800 BTU/Cl 
w i l l  p r e d i c t  if t h e  s u b s t i t u t e  gas  w i l l  cause flame l i f t i n g ,  yellow-tipping, or f l a s l  
back. I w i l l  not d i s c u s s  t h e  parameters en ter ing  i n t o  each index; t h e s e  are discussc 
i n  t h e  b u l l e t i n .  In Table I11 it w i l l  s u f f i c e  t o  show t h e  range of  values  des i red .  

In addi t ion  t o  t h e s e  computations on SNG s u b s t i t u t i b i l i t y ,  a c t u a l  appl ianc 
combustion tests were made t o  confirm t h e  r e s u l t s .  
used t o  ensure t h a t  most combustion appl iances  were covered. 

A wide v a r i e t y  of  burners  was 

GAS COMPOSITIONS CONSIDERED AND TESTED 

Five  d i f f e r e n t  SNG gas compositions were considered f o r  t h e i r  interchange-  
a b i l i t y  with n a t u r a l  gas  - f o u r  compositions from naphtha g a s i f i c a t i o n  and one from 
coal  g a s i f i c a t i o n .  The names of  t h e  processes  f o r  SNG production are i d e n t i f i e d  i n  
t h i s  paper t o  depict  actual s i t u a t i o n s  and t o  f a c i l i t a t e  understanding and do not 
imply process  endorsement by  t h e  author .  

1. SNG from Single-Stage G a s i f i c a t i o n  

The first gas  composition f o r  i n t e r c h a n g e a b i l i t y  considerat ions was t h a t  
product  gas from a s i n g l e - s t a t e  c a t a l y t i c  g a s i f i c a t i o n  o f  naphtha with steam. Figur  
1 shows t h e  product composition from t h e  B r i t i s h  Gas Council process  after CO, remov 
The gas  composition c o n s i s t s  of 80% methane with 17.4% hydrogen. 
va lue  of 869 B'IU/CF and a s p e c i f i c  g r a v i t y  o f  0.493. 
interchange with a n a t u r a l  gas o f  1030 BTJ/CF hea t ing  value and 0.587 gravi ty .  

The r a t i o  of the  Wobbe number, Wn/Ws, is 1.087; i , e . ,  t h e  Wobbe numbers a r e  within 
8% of each o ther .  

I t  has a hea t ing  
This gas i s  considered f o r  

The Wobbe number of  t h e  SNG is 1238, and t h a t  o f  t h e  n a t u r a l  gas is  1343. 

This means t h a t  t h e  h e a t  input  rate through a f i x e d  o r i f i c e  is  
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with in  acceptable  l i m i t s  and t h e  gases a r e  interchangeable ,  providing Other f a c t o r s  
do not adversely a f f e c t  flame c h a r a c t e r i s t i c s .  

The in te rchangeabi l i ty  ind ices  a r e  well wi th in  t h e  acceptab le  l i m i t s  f o r  
l i f t i n g ,  f lashback,  and yel low-t ipping.  

Combustion t e s t s  show t h i s  p a r t i c u l a r  gas t o  b e  completely interchangeable  
with t h e  n a t u r a l  gas .  

2 .  Above SNG Enriched with Ethane 

Since some u t i l i t i e s  may have t o  meet c e r t a i n  hea t ing  v a l u e  requirements, 
F igure  2 shows t h e  p e r t i n e n t  

The s p e c i f i c  g r a v i t i e s  of  0.589 f o r  t h e  SNG and 0.587 fo r  t h e  n a t u r a l  

t h i s  SNG gas was enriched with ethane t o  1030 BTIJ/CF. 
da ta .  
1030 B'llJ/CF. 
gas were near ly  i d e n t i c a l .  
1343 Wobbe number of  t h e  n a t u r a l  gas. 

The hea t ing  va lue  was adjus ted  with ethane t o  t h e  same as t h e  n a t u r a l  gas, 

The Wobbe number for SNG, 1341, i s  w i t h i n  0.1% of t h e  

The in te rchangeabi l i ty  ind ices  show t h a t  a l l  are wi th in  t h e  p r e f e r r e d  range 
The IY w a s  computed t o  be except of I y ,  yellow-tipping, which is  outs ide  t h e  limits. 

0.943 whereas t h e  p r e f e r r e d  va lue  should exceed 1.0. 
yellow-tipping, and combustion tests confirmed a s l i g h t  tendency t o  yel low-t ip .  The 
mount ,  however, was not  considered objec t ionable  and w e  cons ider  the gas i n t e r -  
changeable. 

This would i n d i c a t e  poss ib le  

3. SNG After  Two-Stage G a s i f i c a t i o n  and COa Removal 

I n  t h e  B r i t i s h  Gas Council process  f o r  SNG from naphtha, t h e  methane con- 
t e n t  can be  increased by adding a hydrogas i f ica t ion  s t e p .  
composition a f t e r  C 0 2  removal. 
CF f o r  t h e  s ing le-s tage  t reatment .  
t h e  flow r a t e  should be s a t i s f a c t o r y .  
p refer red  ranges.  
changeable with t h e  n a t u r a l  gas .  

Figure 3 shows t h i s  gas 

The Wobbe numbers a r e  wi th in  6% which i n d i c a t e  
The hea t ing  value i s  934 BTU/CF compared t o  869 BTU/ 

?e i n t e r c h a n g e a b i l i t y  i n d i c e s  a r e  within t h e  
Combustion t e s t s  confirmed t h a t  t h i s  gas i s  completely i n t e r -  

4 .  Above SNG Enriched with Ethane 

The SNG from two-stage g a s i f i c a t i o n  was enriched with ethane t o  1030 BRJ/CF 
t o  b r i n g  t h e  hea t ing  value t o  t h a t  of  t h e  n a t u r a l  gas .  Figure 4 shows t h e  p e r t i n e n t  
da ta .  Note t h a t  t h e  Wobbe numbers a r e  wi th in  1%, i n d i c a t i n g  s a t i s f a c t o r y  h e a t  input  
flow r a t e  through a f ixed  o r i f i c e .  You w i l l  r e c a l l  t h a t  10% i s  acceptab le .  

The in te rchangeabi l i ty  ind ices  show t h a t  IL and IF a r e  wi th in  t h e  prefer red  
limits. The yel low-t ipping index, I y ,  i s  o u t s i d e  t h e  p r e f e r r e d  l i m i t  o f  1 .0  or above. 
This means t h a t  t h e  gas may show yel low-t ipping and indeed t h i s  was confirmed by com- 
bus t ion  t e s t s .  
consider  t h e  gas  interchangeable .  

However, t h e  amount of  yel low-t ipping was not  ob jec t ionable  and we 

5. SNG from Coal G a s i f i c a t i o n  

The last case considered was SNG from coal  g a s i f i c a t i o n .  Figure 5 shows 
t h e  gas  composition expected from t h e  HYGAS process  under development at t h e  I n s t i -  
t u t e  o f  Gas Technology. This SNG c o n s i s t s  predominately of methane, 93%, and about 
6-1/2% hydrogen. 
y i e l d s  a Wobbe number of  1312. This i s  wi th in  2.4% of  t h e  n a t u r a l  gas ,  w e l l  i n s i d e  
t h e  10% acceptable  l i m i t .  

I ts hea t ing  va lue  of  968 BTU/CF and s p e c i f i c  g r a v i t y  of  0.545 

The i n t e r c h a n g e a b i l i t y  ind ices  show t h a t  I the l i f t i n g  index, i s  1.0 
compared t o  t h e  prefer red  va lue  of less than 1.0. 
p r e f e r r e d  range. 

T k  o t h e r  i n d i c e s  are wi th in  t h e  
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Combustion t e s t s  showed t h i s  SNG t o  have a s l i g h t  tendency t o  l i f t ,  con- 

firming t h e  IL i n d i c a t i o n .  
the  gas completely in te rchangeable .  

However, t h e  l i f t i n g  was so s l i g h t  t h a t  we cms ide red  

CONCLUSIONS 

A wide range o f  gas compositions produced from l i q u i d  and s o l i d  f u e l s  was 
found t o  b e  in te rchangeable  with n a t u r a l  gas.  SNG having a hea t ing  va lue  ranging 
from 869 BTU/CF t o  1030 BlU/CF was shown t o  be interchangeable w i t h - a  1030 BTU/CF 
high methane n a t u r a l  gas.  

The A.G.A. i n t e r c h a n g e a b i l i t y  ind ices  plus  t he  Wobbe number can predic t  
Combustion t e s t s  u s ing  a wide v a r i e t y  o f  burners  confirmed the  s u b s t i t u t i b i l i t y .  

v a l i d i t y  of t hese  empi r i ca l  i nd ices .  
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TABLE I 

Residential 38,303 91.8 
Commercial 3.158 7.6 

.6 Industrial and others - 249 _. 

Total 41,710 100.0 

Source: American Gas Association, Inc., 
Department of Statistics. 

' 

Y 

Y 
'i 

U.S. Gas Requirement - 1970 

Trillions o f  Cubic Feet % o f  Total 

Residential 4.94 
Commercia 1 1.96 
Industrial 5.94 
ElectTic utility 3.92 
Interruptible 3.09 

1.58 Other - 

23.1 
9.1 
27.7 
18.3 
14.4 
7.4 - 

Total 21.43 100.0 

Source: Future Cas Requirements, October, 1971. 

TABLE I1 

Gas Customers - 1970 

I Thousands % of Total 

I TABLE I11 I 
I Interchangeability Factors I 

{specific gravity = E 
' heating value Wobbe No. = I 

IL = under 1.0; above 1.06 I 
I I = under 1.18; above 1.2 F 

I IY = above 1;O; under 0.8 I 

I 
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OIL SHALE AS A POTENTIAL ENERGY SOURCE 

Sidney Kate11 and Paul Wellman 

U.S. Department of the Interior 
Bureau of Mines 

Process Evaluation Group 
Morgantown, W .  Va. 

INTRODUCTION 

Although the physical exhaustion of petroleum resources appears to be many 
years away, the increasing-dewnd for petroleum has led to concern for adequately 
meeting future demand, The conversion of oil shale to a synthetic crude oil, which 
can be accomplished by various systems under consideration, is one of the several 
alternative ways to supplement petroleum requirements. 

An oil shale processing complex consisting of three mines, three retorting 
plants, and a prerefinery has been proposed for the production of 100,000 barrels 
per calendar day of semirefined oil. Included a r e  the equipment and installation 
for mining and retorting in the Roan Creek area in Colorado and the pipelining of 
the gas and crude oil to the prerefinery in DeBeque. Colo. In addition, the cost of 
chemicals and catalyst, interest during construction (plants), interest during develop- 
ment (mine), startup expenses, and working capital have been taken into account. 
The complex is designed to process 174? 820 tons per stream day o r  157,335 tons per 
calendar day (CD) of raw oil shale assaying 30 gallons of oil per ton of shale. 
Figure 1 is a block diagram of the total complex. 

MINE DEVELOPMENT AND GENERAL MINING PLAN 

Three mines will be operated to produce the required tonnage. At each mine, 
development will begin by driving three headings from the outcrop in the top bench 
of the minable section of the oil shale. These headings wil l  be 30 feet wide by 31 
feet high with 60-foot barriers between'headings. One heading will be the main return 
airway, the center heading will be the belt haulage, and the right heading will be the 
intake airway and haulageway for men and supplies. 

It is assumed that the development headings can be turned to the right at  600 
feet and be clear of any weathering along the outcrop. The development headings 
will consist of three entries similar in size and functions to the main heading. The 
production panels will start operations a s  the development has advanced the required 
distance. It is estimated that 200 days will be required to open the first  panel. 

. 
\ 

The mining plan is  to mine the right side of the mine until the limits of mining 
a re  reached. The left side will be mined on the retreat. Under this system the mine 
will go into full production in the shortest possible time. It also means that the working 
area will be concentrated and better control of ventilation, haulage, and supervision 
will result. 
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Sufficient places W i l l  be provided to load tonnage, The crews will be equipped 
with a heading jumbo, scaling and bolting rig, bulldozer, front-end loader, and 
trucks. 

The production panels are 1,860 feet by 1,020 feet and a re  mined using a 33- 
foot thick heading round and 28-foot bench round. The headings a r e  60 feet wide. 
Sixty-foot square pillars, regularly spaced, are left for support. A ramp will provide 
haulageway from the bench round to the main haulage level. Production panels will 
be equipped with a heading jumbo, a bench jumbo, scaling and bolting rigs, bulldozers, 
front-end loaders, and trucks. 

The ore will be transported to portable crushers located at  the mouth of the 
panel. These crushers will discharge onto a 60-inch belt that will carry the ore to 
the main haulage 60-inch belt. 

The roof will be supported by roof bolts on 6-foot centers. Sixty-foot barriers 
will be left between panels and development on main headings. 

Ventilation wi l l  be provided by 1 million cfm dual fans at  the main portals. 
Direction of the airflow is controlled by crosscuts, regulators, and overcasts. 
Portable blowers with tubing provide secondary ventilation. 

PRIMARY CRUSHING A N D  SCREENIHG PLANT 

The run-of-mine shale is conveyed directly 20 the receiving hoppers at the 
cmshing plant; one plant is provided for each of the three mines. .The underground 
concrete hoppers are sized to provide 24-hour surge storage. The shale from the 
bottom of the hopper is conveyed to the primary-cfusher feed bin a t  a rate of 58,272 
tons per stream day o r  2,428 tons per hour. A 90-percent onstream factor is 
assumed for the plants. Three conveyors, 48 ihches wide and 200 feet long, are 
required. The shale is dumped into three parallel storage bins which a r e  sized for 
1/2-hour holdup. From the storage bins the shale is fed by magnetic vibratory 
feeders to the primary gyratory crushers where the size of the shale is reduced to 
minus 10.5 inches. The crushed shale is,conveyed to underground surge bins (sized 
for 24- hour holdup). 

The shale from the bottom of the surge bins is transported to the secondary 
crusher feed bins on 48-inch-wide belt conveyors. 

SECONDARY AND TERTIARY CRUSHING AND SCREENING PLANTS 

The shale at  a rate of 58,272 tons per stream day is fed from the storage bins ' 

to three double hopper feed bins in the secondary crushing system. From each surge 
bin the shale is fed by two magnetic vibratory grizzly bar screens (six operating in 
parallel). The minus 4.5-inch material (47 percent of the total) falls through the 
screen to the product conveyor from the secondary crushers. The plus 4.5-inch 
material feeds to the secondary crushers (six crushers in parallel) and is crushed 
to minus 4.5 inches. The shale is then conveyed back under the screens, picking up 
the material that originally passed through the vibrating grizzlies, and is transported 
to tertiary crushing. 

I 

I 

I 
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Three feed hoppers in tertiary crushing provide 20-minute holdup and receive 
the shale a t  a rate of 805 tons per hour for each hopper. Magnetic vibratory feeders 
(6 in parallel) a r e  used to feed the vibrating screens (6 in parallel); the minus 3-inch 
material is screened out and falls on the product conveyors from the tertiary 
crushers. The plus 3-inch material (35 percent of the total) then feeds to the 
tertiary crushers (6 in parallel) where i t  is  reduced in size to minus 3 inches. The 
shale i s  then transported by the return conveyors, picking up the material that 
passed through the 3-inch screens, to the main conveyor and is conveyed to three 
surge storage hoppers (3-day holdup). 

From the surge storage hoppers 57,600 tons per stream day of shale i s  fed 
to the splitter in the screen house. Sixty-five percent of the shale bypasses the 
screens and feeds directly to the surge bin for feed to the retorting plant. The 
double-deck screens (three in parallel plus one spare) remove the minus 1-inch 
material on the top screen and minus 3/16-inch material on the bottom screen. The 
screens a r e  fed by vibratory feeders. The shale from the top of the screens feeds 
to the conveyor that transports the bypass to the retorting plant and the fines from 
the screens (2,256 tons per stream day) a r e  conveyed to the briquetting plant. 

The overall dust losses in the crushing and screening operations are estimated 
to be 1.32 percent of the shale handled. Half of this loss is assumed to occur in 
crushing and transporting and the balance in screening. 

BRIQUETTING PLANT 

The fines a r e  conveyed to the briquetting surge bin No. 1 on a 20-inch belt 
conveyor. The fine shale is then fed by vibratory feeders to two parallel hammer 
mills where it is reduced in size to minus 14 mesh. From the mills the shale i s  
conveyed to surge bin No. 2. A vibratory pan feeder is used to feed the milled 
shale to two parallel double-paddle horizontal mixers where i t  is mixed with crude 
shale oil (binder). From the mixers the material flows by gravity into the briquetting 
machines. 

The briquettes a r e  then sent by conveyor to surge bin No. 3 and a r e  then 
conveyed back to the retort feed conveypr. 

RETORTING PLANT 

The three retoring plants, each consisting of four 56-foot diameter units, 
will be located in close proximity to the three mine locations. The retorts a r e  
scaled up from smaller unit data but a r e  assumed operable to facilitate this study. 

The shale from the 3-hour surge bins and the briquettes from the briquetting 
plant a r e  fed to the retort feed hoppers (atop the retorts). Each of the plants uses 
one belt conveyor equipped with an automatic tripper to feed the retorts. 

The retorts a r e  equipped with Cameron and Jones' improved feeding and 
discharge mechanisms. The feeding and discharge mechanisms a r e  described in 
detail ("Quarterly of the Colorado School of Mines, " v. 60, No. 3, July 1965) in a 
paper presented to the Second Oil Shale Symposium. 



-6 4 

Each retort processes 14,376 tons per stream day of shale and briquettes and 
produces 9,693.5 barrels per  stream day of crude shale oil, 86,242,000 standard 
cubic feet per day of excess low-Btu gas, and 11,160 tons per stream day of spent 
shale. 

The shale bed in the retorts i s  maintained at  a depth of approximately 18 feet. 
The fresh feed at  the top of the unit is  preheated by the off gases from the retort 
combustion zone. The shale, a t  a rate of 500 pounds per hour per square foot of 
cross sectional area, moves through the preheat zone of the retort. The combustors, 
located near the midpoint of the shale bed, use recycled low-Btu gas burned with a i r  
to provide the heat needed for retorting. 

About 82 percent of the recycled gas is fed to the bottom of the retort and i s  
utilized to cool the spent shale LO about 200" F prior to discharge. The remainder of 
the recycled gas, together with the combustion air ,  is fed directly to the combustors. 

The gases from the top of the retorts, with entrained crude shale oil, flow 
through rotoclones and electrostatic precipitators for separation of gases and oil. 
The crude is then pumped to storage tanks located at  the retorting site. The low- 
Btu gas is compressed either for recycle o r  to supply other plant fuel requirements. 

The spent shale is fed to a common conveyor belt for discharge into a canyon. 
The mines and retort plants a r e  located to provide dry canyons for the spent shale 
disposal. It is assumed that mined out areas will be utilized a s  soon as they become 
available. The crude shale oil from the retorts, 116,322 barrels.per stream day, 
flows by pipeline to the refinery storage tanks near DeBeque, Colo. 

' 

PREREFINERY 

The crude oil from storage i s  charged to a distillation column. The crude is 
heated in a furnace enroute to distillation. The crude charge is decomposed into a 
heavy fraction and vapors, about 50 percent bottoms and 50 percent overhead. The 
residual heavy fraction from the bottom of the distillation column i s  fed to the coke 
drums. The overhead product is cooled and depropanized to yield a distillate 
product, 55,100 barrels per  stream day. The uncondensed gases, consisting of C3 
and lighter gases, a r e  utilized for  plant fuel. The liquid hydrogenated product, 42" 
API, is pumped to storage. 

The bottoms from the distillation column a r e  fed through a preheat furnace to 
the delayed coking units. The feed is preheated prior to being charged to the drums. 

and then, together with the distillation overheads, is  charged to hydrogenation. The 
coke from the drums, 1,710 tons per calendar day, i s  stored for sale. The hydro- 
crackers operate a t  835' F and 1,500 psig and produce a product containingabout 
45 volume percent material in the gasoline boiling range. 

. The product from the top of the coker, the coker distillate, is  cooled and depropanized 
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The gas streams from the hydrogenation, delayed coking, and distillation 
contain the sulfur and nitrogen available for recovery, the recoverable materials 
being in the form of hydrogen sulfide and ammonia. The streams a re  processed 
as follows: An ammonia-water wash is used to remove the hydrogen sulfide from 
the coker and distillation gases, and a water wash is used to extract the ammonia 
and hydrogen sulfide from the hydrogenation gas. The combined ammonia- hydrogen 
sulfide-water solution is then heated to 170" F to drive off the hydrogen sulfide which 
is scrubbed with sulfuric acid to remove traces of ammonia. The hydrogen sulfide 
is reacted with a i r  in a Claus kiln to form sulfur (85.5 tons per calendar day) which 
is recovered as a hot liquid and stored for sale. The ammonia-water solution is  
pressurized to 230 psig and heated to 330" F to liberate the ammonia (275.5 tons 
per calendar day), which is cooled, condensed, and stored for sale in liquid form. 

About 89 percent of the washed gas from the gas treating plant is steam 
reformed to produce the hydrogen needed for hydrocracking. The gas used for 
hydrogen generation i s  converted to produce 76 percent of the hydrogen theoretically 
available with complete conversion of the gas. A small amount of methane is pur- 
chased to augment the fuel supply. Using methane as an example (other' hydrocarbons 
in the coker gas react in an analogous manner), the conversion involves the two 
following steps: 

with the following overall result: 

The first  reaction takes place in tubes at 50 psig and 1, N O o  to 1,500" F using 
a nickel catalyst and an excess of steam. The endothermic heat of react ion i s  
supplied by burning retort gas in the furnace surrounding the tubes. The hydrogen 
yield then i s  increased by catalytic water-gas shift conversion at  800" F as 
illustrated by equation 2. A hypersorber is used for hydrogen purification before 
compression and introduction to the hydrocracking unit. The hydrogen requirement 
i s  1,662 standard cubic feet per barrel of product. TWenty-five percent excess 
hydrogen is produced to provide for surges and losses. 

CAPITAL INVESTMENT 

Table 1 is a summary of the estimated total capital investment required to 
develop the mines and to install the equipment to process 174,820 tons per stream 
day of oil shale. Included a re  initial catalyst and chemicals, interest during 
construction, startup expense, and working capital. The total estimated capital 
investment is $426,216,400. 
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WORKING CAF'ITAL 

Working capital requirements a re  detailed in table 2. Interest during 
construction assumes a two-year construction period. An allowance of $11,033,100 
is included for startup expenses. 

The cost of providing steam, power, cooling water, sanitary water, compressed 
air ,  etc., i s  included in plant utilities. The cost of administrative buildings, roads, 
fences, rolling stock, etc., i s  included in plant facilities. A summary of utility and 
facility costs is given in table 3. 

OPERATING COST 

Table 4 is a summary of the estimated annual operating costs. Included in 
operating costs a r e  labor, labor supervision, administration and general overhead, 
raw water charges, annual catalyst and chemicals, taxes, insurance, and depre- 
ciation. The annual operating cost is $85,543,000 before credit for the byproducts 
and $78,434,600 after credit. 

FINANCIAL ANALYSIS 

Table 5 shows the method of determining financial analysis based on a 12- 
percent discounted cash-flow rate which takes into account the present value of 
capital expenditures'(b0th before and after startup). The present value of the 
positive cash flow includes the effect of changes after depreciation i s  taken. A 
selling price of $3.74 per barrel  for the semirefined oil (do-gallon shale) is required 
to balance the present value of the capital expenditure with the present value of the 
positive cash flow, using a 12-percent compound and discount factors and a 20-year 
life. 

Figure 2 illustrates the effect of varying the debt equity segment of the 
capital investment and the relationship of different values €or the interest rate on 
the debt portion of the investment. This relationship is based on a selling price of 
$3.74 per barrel for the semirefined oil. . 

REFERENCES 
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TABLE 1. - Capital investment sumnary, 
30-gallon shale 

M i  ne : 
In i t ia l  investment ................................. 
Present worth of deferred expense (discounted a t  12 

Retort plant: 

........ 
percent) 

Retorting ................................................... 
Crushing and screening.. .................................... 
Briquetting ................ .................................. 

Refinery ....................................................... 
Uti l i t i es  ...................................................... 
Faci 1 i t ies. .  ................................................... 
Total ....................... ................................... 
In i t ia l  catalyst .  .............................................. 
Total p l a n t  cost ............................................... 
Interest  during construction (plant) .  .......................... 
In te res t  during develo ment (mine). ............................ 
Startup expense (plant! ........................................ 
Subtotal for  depreciation.. .................................... 
Working capital ................................................ 
Total.. ........................................................ 

$24,609,40[1 
14,518,900 

115,381.100 
12,316,000 
1,582,000 

11 3,339,700 
41,469,400 
30,898 ,COO 

354,114,i'JU 

9,517,700. 

363,632,400 

16,225,200 
561,700 

11,033,100 

391,452,400 

34,764,000 

426,216,400 

'> 

a 

1 
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TABLE 2. - Working capital, 

30-gallon shale 

Dollars 

Cash ............................ 30 CD operating cost. . .  

Accounts receivable. .  .......... .90 CD operating cost. .. 
Inventory.. .................... .30 CD operating cost. .  . 

6,952,800 

20,858,400 

6,952,800 

34,764,000' 

Includes $5,944,100 for  mine. 

I 
, 
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TABLE 3. - Summary, u t i l i t i e s  and f a c i l i t i e s ,  
30-gallon shale 

Retor t ing p lant :  
Generator. ......................... 
Turbine.. . . . . . . . . . . . . . . . . . . . . . . . . . . 
Star tup d iesel  generator set.. . . . . . 
Power d i s t r i b u t i o n .  .. . . . ... . .. . .. . . 
A i r  compressor.. . . . . . . . . . . . . . . . . . . . 
Gas compressor...... ............... 
Steam generation and d i s t r i b u t i o n . .  
S i t e  preparation , etc.. . . . . . . . . . . . . 
Administrat ion bu i l d ing .  :. . . . . . . . . . 

Subtotal.  ............................. 

Refinery: 
Powerpl ant. . . . . . . . . . . . . . . . . . . . . . . . . 
Power d i s t r i b u t i o n .  ..........,..... 
Steam generation.. . .. . . . .. . ... . .. .. . 
A i r  compression p l a n t  ......... :.. .. 
Telephone system ................... 
Warehouse.... ...................... 
Maintenance 8 operating bui ld ing. .  . 
Central shops.. . . . . . . . . . . . . . . . . . . . . 
Intermediate gathering system.. . . . . 
Water treatment and d i s t r i b u t i o n  

( includes cool ing water). .. . . . . . . 
Condensate system.. . . . . . .. . . . . . . . . . 
Laboratories. . . . . . . . . . . . . . . . . . . . . . . 
Operating u n i t  bu i ld ings. .  . ... . . .. . 
Other r e f i n e r y  bu i l d ings  ........... 
Ref in ing s i t e ,  roads ,-and fences.. . 
Sewage and refuse system ........... 

Subtotal... ........................... 
Total.. ............................... 

U t i l i  t i e s  

$3,375,000 
8,160,000 
1,080,000 
4,125,000 
3,582,000 
1,582,200 

333,000 

22,237,200 

9,100,000 
3,850,000 
5,200,000 

750,000 
332,200 

19,232,200 

41,469,400 

F a c i l i t i e s  

$1',500,000 
750,000 

2,250,000 

480,100 
266,700 

3,683,600 
1,945,000 

8,983,300 
1,540.100 
1,149.500 
2.,937,600 

638,600 
1,053,700 
5,970,000 

28,648,200 

30,898,200 

I 
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TABLE 4, - Annual o m r a t i n g  cost, 
30-gal lon shale 

Natural gas--3,610 Mscf/CD x 365 days/yr x $0,25/Mscf.. . 
Charge for use o f  water (Colorado), . . ... 480 M gph x 8,760 hr/yr x $O.O26/M gal... 
Annual ca ta l ys t  and chemlcals.. ......................... 
D i r e c t  labor p lant , .  .................................. 
D i r e c t  labor supervision p iant . .  ....................... 
D i r e c t  labor mine., .................................... 
D i rec t  labor supervision mine.. ........................ 
Maintenance labor  p l a n t  ................................ 
Maintenance labor  supervision p lant . .  .................. 
Maintenance labor  mine.........................,.. ..... 
Maintenance labor supervision mine.. ................... 
Operating supplies, mine.. .............................. 
Maintenance mater ia ls ,  p l a n t  (100% o f  malntenance labor)  
Operating supplies, p l a n t  (20% o f  p l a n t  maintenance). ... 
Payro l l  overhead, mine (35% o f  pay ro l l  1.. ............... 
Payro l l  overhead, p l a n t  (25% o f  pay ro l l  ). ............... 
Administrat ion and general overhead, plant..  ............ 
Administrat lon and general overhead, mine ............... 
Taxes ( land valued a t  $1,00O/acre, 6 sq m i les )  a t  

68 m i l l s  per d o l l a r  o f  evaluatlon. ................... 
Taxes on improvement a t  mlne ( a t  68 m i l l s  per d o l l a r  on 

1/3 the cost).  ........ .a... ......................... 
Insurance, mine, 2% o f  investment. ...................... 
Taxes ( re to r t i ng ,  crushing and screenlng, and 

i n t e r p l a n t  p ipe l i nes )  a t  68 m i l l s  per d o l l a r  on 
1/3 t h e  cost..................... .................... 

Insurance ( re to r t i ng ,  crushing and screening, and 
i n t e r p l a n t  p ipe l i nes )  a t  2% o f  investment ............ 

Taxes ( re f i ne ry )  a t  68 m i l l s  per d o l l a r  on 1/3 the cost. 
Insurance ( r e f i n e r y )  a t  2% o f  investment. ............... 

Annual cost, 
do l  1 ars 

329,400 

109,300 
5,335,000 
2,980,900 

540,000 
5,282,500 

378,000 
4,325,000 

420,000 
1,526,300 

315,000 
10,102,400 
1,814,000 
4,325,000 
2,625,600 
2,066,500 
1,235,900 
1,293,800 

261,100 

557,800 
492,200 

3,485,300 

3,075,300 
3,870,000 
3,414,800 

Depreciation .......................................... 25& 3 0 0  I 

Annual operating cost 85,543,000 ................................... /” 

Cost, do l l a rs /ba r re l  of o i l  = 85,543,000 i 36,500,000 = 2.34 

Cost, do l lars /barre l  o f  oil a f t e r  byproduct c r e d i t  85,543,000 - 7,108,400 

I 

J 

36,500,000 

= 2.15 
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FIGURE 1. . General Black Diagram - Oil Shale Project. l00,WO Barrels per Calendar Day 
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REFINING OF CRUDE SHALE OIL PRODUCED BY I N  SITU RETORTING 

I 

I " 

BY 

C. M.  F r o s t  
Laramie Energy Research Center, U.S. Department of t h e  I n t e r i o r ,  

Bureau of Mines, Laramie, Wyoming 82070 

INTRODUCTION 

Crude s h a l e  o i l  produced i n  s u c c e s s f u l  i n  s i t u  combustion r e t o r t i n g  experiments 
by the  Bureau of Mines a t  Rock Spr ings ,  Wyo. (2,3) has c h a r a c t e r i s t i c s  t h a t  a r e  some- 
what d i f f e r e n t  from those  of shale o i l  crudes produced i n  e i t h e r  N-T-U or gas combus- 
t i o n  r e t o r t s  (1,9). I t s  g r a v i t y ,  pour po in t ,  and v i s c o s i t y  are such t h a t  i t  could be 
pipel ined d i r e c t l y  t o  a r e f i n e r y  wi thou t  f u r t h e r  processing.  
s p e c i f i c  g r a v i t y ,  v i s c o s i t y ,  and pour point ,  t h i s  i n  s i t u  c rude  o i l  c o n t a i n s  more than 
twice as much naphtha and l i g h t  d i s t i l l a t e  as gas  combustion o r  N-T-U crudes.  The i n  
s i t u  crude a l s o  shows a h ighe r  deg ree  of s a t u r a t i o n  than t h e  c rudes  produced by o t h e r  
processes .  These p r o p e r t i e s  i n d i c a t e  t h a t  i n  s i t u  crude i s  similar t o  coker  d i s t i l -  
la tes  from o t h e r  c rude  s h a l e  o i l s .  

I n  a d d i t i o n  t o  a lower 

I n  previous s t u d i e s  of t h e  r e f i n a b i l i t y  of crude s h a l e  o i l s ,  e i t h e r  coking o r  
prehydrogenation has  been used as a n  i n i t i a l  s t e p  t o  reduce t h e  v i s c o s i t y  and b o i l i n g  
range (5,10), o r  h igh -p res su re  hydrogenat ion w i t h  r e c y c l i n g  of heavy ends has  been 
used t o  produce c a t a l y t i c  reforming and c a t a l y t i c  c rack ing  s t o c k s  (6-8). Because of  
t h e  s imi l a r i t i e s  between i n  s i t u  c rude  s h a l e  o i l  and coker  d i s t i l l a t e s  obtained from 
o t h e r  crude s h a l e  o i l s  (4,10), t h e  i n  s i t u  crude should be amenable t o  r e f i n i n g  methods 
used f o r  coker  d i s t i l l a t e s .  

I n  1956 the  Bureau of Mines r epor t ed  r e s u l t s  of a r e f i n i n g  s t u d y  on coker  d i s t i l -  
l a t e  prepared by r ecyc le ,  delayed coking of crude shale o i l  produced i n  an N-T-U 
r e t o r t  ( 4 ) .  The p resen t  s tudy d e s c r i b e s  s imi la r  experiments made w i t h  raw i n  s i t u  
s h a l e  oil produced a t  t h e  Rock Springs,  Wyo., i n  s i t u  experiment (2,3). The r e f i n i n g  
invo lves  hydrogenat ing t h a t  p o r t i o n  of t h e  s h a l e  o i l  crude b o i l i n g  above 400"F, hydro- 
den i t rogena t ing  and reforming t h e  naphthas produced i n  t h e  d i s t i l l a t i o n  and hydrogen- 
a t i o n  s t e p ,  and c a t a l y t i c a l l y  c r a c k i n g  t h a t  p o r t i o n  of t h e  hydrogenated heavy o i l  
b o i l i n g  above 400'F. 

PROPERTIES OF I N  SITU CRUDE SHALE OIL AND ITS DISTILLATE FRACTIONS 

The crude sha le  o i l  used i n  t h i s  s tudy  w a s  obtained from t h e  i n  s i t u  combustion 
r e t o r t i n g  experiment a t  Rock Springs,  Wyo., du r ing  t h e  3rd t o  27 th  day  of operat ion.  
A sample of t h e  r a w  c rude  s h a l e  o i l  w a s  dewatered and f r a c t i o n a t e d  i n  a batch s t i l l  
equipped w i t h  a packed column, e q u i v a l e n t  t o  25 t h e o r e t i c a l  p l a t e s  a t  t o t a l  r e f lux .  
P r o p e r t i e s  of t he  crude s h a l e  o i l  and t h e  v a r i o u s  d i s t i l l a t e  f r a c t i o n s  are shown i n  
t a b l e  1. 

The naphtha f r a c t i o n  from i n  s i t u  c rude  s h a l e  o i l  is  u n s t a b l e ,  has  a poor b o i l i n g  
range d i s t r i b u t i o n ,  and c o n t a i n s  u n d e s i r a b l e  q u a n t i t i e s  of s u l f u r  and ni t rogen.  
has  a low octane number d e s p i t e  t h e  f a c t  t h a t  i t  con ta ins  26 volume pe rcen t  aromatics.  
The d i e s e l  f u e l  i s  a l s o  uns t ab le .  It darkens r a p i d l y  on s t and ing  and has a high v i s -  
c o s i t y  and carbon r e s i d u e  con ten t .  It c o n t a i n s  less  s u l f u r  t h a n  t h e  naphtha b u t  con- 
s i d e r a b l y  more ni t rogen.  

It 
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HYDROGENATION OF THE 4OO0F+ FRACTION 

The t o t a l  4OO0F+ f r a c t i o n  from t h e  i n  s i t u  c rude  o i l  was hydrogenated over a pre- 
s u l f i d e d  c o b a l t  molybdate c a t a l y s t  i n  a f ixed-bed,  bench-scale  u n i t ,  t h e  f low diagram 
of which i s  shown i n  f i g u r e  1. The o i l  was mixed wi th  2,700 s c f  of hydrogen per  b a r r e l  
and passed downflow over  t h e  c a t a l y s t  bed contained i n  a s t a i n l e s s  s t e e l  r e a c t o r  heated 
by a four-zone e l e c t r i c  furnace .  Pressure  was  maintained a t  1,100 p s i g  by means of a 
back p r e s s u r e  r e g u l a t o r ,  and l i q u i d  product was c o l l e c t e d  i n  a s e p a r a t o r  maintained a t  
200 p s i g .  T a i l  gas from t h e  s e p a r a t o r  was metered and sampled. The hydrogenat ion was 
accomplished i n  a cont inuous 96-hour run. No d e a c t i v a t i o n  of t h e  c a t a l y s t  was ev ident  
from a n a l y s e s  of t h e  products  taken  a t  var ious  time i n t e r v a l s  dur ing  t h e  run.  Process-  
ing  c o n d i t i o n s  and product  y i e l d s  a r e  shown i n  t a b l e  2. 

C a l c u l a t i o n s  based on t h e  amounts of hydrogen charged t o  t h e  u n i t  and recovered 
i n  t h e  products  i n d i c a t e  t h a t  1,145 s c f  of hydrogen p e r  b a r r e l  was  used i n  t h e  hydro- 
gena t ion  s t e p .  This q u a n t i t y  i s  of t h e  same o r d e r  a s  t h a t  repor ted  by Carpenter  and 
coworkers (4) f o r  hydrogenat ion  of t h e  400°F+ f r a c t i o n  from N-T-U coker  d i s t i l l a t e .  
The amount of hydrocracking occurr ing  dur ing  t h e  hydrogenat ion was  no t  excess ive  s ince  
only about  20 volume percent  of t h e  feed was converted t o  products  b o i l i n g  below 400'F 
as compared t o  the 4 5  volume percent  repor ted  f o r  hydrogenat ion of t h e  400°F+ f r a c t i o n  
of N-T-U coker  d i s t i l l a t e .  About 75 percent  of t h e  n i t r o g e n  and 90 percent  of t h e  
s u l f u r  were removed from t h e  charge  s t o c k  by hydrogenation. These v a l u e s  a r e  only 
s l i g h t l y  lower than t h o s e  obta ined  by Carpenter  and coworkers on t h e  coker  d i s t i l l a t e  
from N-T-U crude a t  a s l i g h t l y  h igher  opera t ing  temperature. 

I 
The t o t a l  l i q u i d  product  from t h e  hydrogenat ion s t e p  was separa ted  i n t o  l i g h t  

naphtha,  heavy naphtha, and 400°F+ bottoms i n  t h e  same equipment used t o  f r a c t i o n a t e  
t h e  o r i g i n a l  i n  s i t u  crude. P r o p e r t i e s  of t h e  charge  s t o c k  and l i q u i d  f r a c t i o n s  a r e  
shown i n  t a b l e  3. 

The heavy naphtha f r a c t i o n  had a research  oc tane  number of 55.4 and contained 
0.28 weight  percent  n i t r o g e n  and 0.01 weight percent  s u l f u r .  
t a i n e d  0.56 weight percent  n i t r o g e n  and 0.02 weight percent  s u l f u r .  

The 4OO0F+ f r a c t i o n  con- 

HYDRODENITROGENATION (HDN) OF NAPHTHA 

The heavy naphtha from t h e  hydrogenat ion of t h e  400°F o i l  was combined wi th  the  
r a w  naphtha from t h e  d i s t i l l a t i o n  of t h e  o r i g i n a l  crude.  The combined naphtha was 
then  hydrodeni t rogenated over  a p r e s u l f i d e d  n icke l - tungs ten  c a t a l y s t  i n  t h e  same u n i t  
used f o r  t h e  hydrogenat ion s t e p .  Processing c o n d i t i o n s  used and product  y i e l d s  a r e  
shown i n  t a b l e  4. P r o p e r t i e s  of naphtha charge s t o c k  and the  HDN product  a r e  shown 
i n  t a b l e  5. 

The y i e l d  of naphtha from t h e  HDN s t e p  was 103.96 volume percent .  Considerable  
s a t u r a t i o n  occurred d u r i n g  t h e  HDN s t e p  s i n c e  o l e f i n s  were completely e l imina ted  and 
t h e  aromatic  conten t  was reduced from 23 t o  5.5 volume percent .  
from t h e  lower oc tane  number of 36.4. 
4 ppm. This  reduct ion  may p a r t i a l l y  account f o r  t h e  i n c r e a s e  i n  t h e  amounts of lower 
b o i l i n g  components i n  t h e  naphtha a f t e r  HDN. 

This  i s  a l s o  apparent  
Nitrogen was reduced from 0.9 weight  percent  t o  

REFORMING OF NAPHTHA 

The t o t a l  l i q u i d  product  from t h e  HDN s t e p  w a s  used as feeds tock  f o r  reforming. 
A 20-ml bed of f resh  Engelhard RD-150 reforming c a t a l y s t  contained i n  a 9/16-inch I .D .  
s t a i n l e s s  s t e e l  r e a c t o r  was used. 
l i q u i d  hourly space v e l o c i t y  of 3.0, and a hydrogen feed r a t e  of 3,500 scf  of hydrogen 
per  b a r r e l .  Liquid products  were c o l l e c t e d  i n  a s e p a r a t o r  maintained a t  200 ps ig ,  and 
were s t a b i l i z e d  t o  y i e l d  re formate  and gases  composed of butanes and l i g h t e r  components. 
Octane numbers were obta ined  on t h e  s t a b i l i z e d  re fonnate .  Opera t ing  c o n d i t i o n s  and 
product  y i e l d s  a r e  shown i n  t a b l e  6, and p r o p e r t i e s  of t h e  re formate  a r e  g iven  i n  
t a b l e  7. 

Reforming w a s  c a r r i e d  out a t  859'F, 500 psig,  a 
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The l i q u i d  and hydrogen y i e l d s ,  octane numbers, and y i e l d  oc t ane  numbers are 

c o n s i s t e n t  w i th  those  found by o t h e r  i n v e s t i g a t o r s  when reforming shale o i l  naphthas 
under similar c o n d i t i o n s  (10). It i s  r easonab le  t o  expect  t h a t  h i g h e r  reforming t e m -  
p e r a t u r e s  would r e s u l t  i n  reformates  with h ighe r  oc t ane  numbers. 

CATALYTIC CRACKING OF 400°F+ HYDROGENATE 

The 400"F+ bottoms from t h e  hydrogenat ion of t h e  400"F+ c rude  o i l  were c a t a l y t -  
i c a l l y  cracked i n  a fixed-bed l abora to ry  u n i t .  The o i l  w a s  preheated i n  a tube  fu rnace  
and passed downflow over  a bed of Houdry HZ-1 c a t a l y s t  contained i n  a stainless s t ee l  
r e a c t o r  heated by a four-zone e l e c t r i c  furnace.  Reactor  e f f l u e n t  was cooled by exchange 
w i t h  t a p  water and w a s  c o l l e c t e d  i n  a s e p a r a t o r  maintained a t  32°F. T a i l  gas  passed 
through a co ld  t r a p  cooled with Dry I c e  and i n t o  a gas holder .  Gas and l i g h t  ends 
were analyzed by GLC. Coke d e p o s i t s  were determined by a n a l y s i s  of t h e  r egene ra t ion  
gases.  

Cracking was c a r r i e d  ou t  a t  900°F, a tmospheric  p re s su re ,  and a l i q u i d  hourly space 
v e l o c i t y  of 0.8. 
reached. 
and p r o p e r t i e s  of t h e  l i q u i d  products  are shown i n  t a b l e  9. A t o t a l  y i e l d  of 40.95 

O i l  was charged t o  the u n i t  u n t i l  a c a t a l y s t  t o  o i l  r a t i o  of 4 was 
Operat ing cond i t ions  used and product  y i e l d s  obtained are shown i n  t a b l e  8, 

volume pe rcen t  g a s o l i n e  was c a l c u l a t e d  as  t h e  sum of observed g a s o l i n e  volumes plus  
a d d i t i o n a l  volumes p o t e n t i a l l y  a v a i l a b l e  from a l k y l a t i o n  of propylenes and butenes.  

A t  t h e  50-percent conversion l e v e l  the g a s o l i n e  had a high octane number of 99 
R O N +  3 and r ep resen ted  21.08 volume percent  of t h e  raw s h a l e  o i l .  

SUMMARY AND CONCLUSIONS 

t 

Refining t e s t s  made on crude s h a l e  o i l  produced i n  t h e  Rock Springs,  Wyo., i n  
s i t u  experiment showed t h a t  i t s  r e f i n a b i l i t y  i s  similar t o  those  of coke r  d i s t i l l a t e s  
made from o t h e r  crude s h a l e  o i l s .  A summary of product  y i e l d s , f o r  t h e  set of ope ra t -  
i n g  cond i t ions  used i s  shown i n  t a b l e  10'. No a t t e m p t  was made t o  opt imize the r e f i n -  
i n g  c o n d i t i o n s  used since t h e  o b j e c t  of these experiments w a s  t o  compare the r e f i n i n g  
c h a r a c t e r i s t i c s  o f  t o t a l  i n  s i t u  crude s h a l e  o i l  w i th  those  of a coker  d i s t i l l a t e  
r e f i n e d  under similar cond i t ions .  The use of h i g h e r  temperatures  and p r e s s u r e s  du r ing  
t h e  hydrogenat ion of  t h e  4OO0F+ f r a c t i o n  would undoubtedly reduce the  n i t r o g e n  con ten t  
of t h e  c a t a l y t i c  c rack ing  s t o c k  and inc rease  t h e  amount of g a s o l i n e  a v a i l a b l e  f o r  
reforming. 
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TABLE 1. - P r o p e r t i e s  of Rock Spr ings .  Wyo.. in s i t u  crude 
s h a l e  o i l  and i t s  d i s t i l l a t e  f r a c t i o n s  

Crude Naphtha Diese l  650"F+ 

Y i e l d ,  v o l  pct 

Gravi ty ,  'API 
Carbon, w t  pct 
Hydrogen, w t  p c t  
Nitrogen, w t  pc t  
S u l f u r ,  w t  pct  
Oxygen, w t  pct 
Pour p o i n t ,  O F  

Viscos i ty ,  SUS a t  100°F 
Carbon res idue ,  w t  p c t  
Ash, w t  p c t  
ASTM d i s t i l l a t i o n ,  OF a t  760 m: 

IBP 
5 p c t  recovered 
10 
20 
30 
40 
50 
60 
70 
80 
90 
95 
EP 
Recovery, v o l  pc t  

Research, c l e a r  
+ 3 ml TEL 

Hydrocarbons, vol p c t :  
P a r a f f i n s  + naphthenes 
O l e f i n s  
Aromatics 

Octane numbers : 

100 

28.4 
84.88 
12.02 

1.69 
0.60 
0.80 

10 
4 5  

1.7 
0.01 

24 1 
348 
383 
42 2 
460 
4 98 
537 
575 
62 5 
665 - 
- 

673 
83.0 

- 
- 

- 
- 
- 

25.57 

44.1 
84.32 
13.66 

1.23 
0.66 
0.13 - 

- 
- 
- 

239 
2 90 
303 
3 14 
326 
336 
346 
356 
36 5 - 375 
387 
398 
408 

98.5 

57.9 
59.4 

56 
18 
26 

45.73 

30.5 

12.04 
1.55 
0.59 
0.44 

( 5  
38 

1/1.2 
- 170.03 

428 
451 
460 
474 
$85 
4 94 
508 
522 
542 
56 3 
595 
6 14 
631 

98.5 

85.38 

- 

- 

28.70 

15.6 
84.58 

2.17 
0.50 
1.83 

io. 87 

- 
2.4 

0.05 

- 
- 
- 
- 

- 
- 

- - 
- 

. _  1/ 10 percent bottoms. 
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TABLE 2. - Hydrogenation of 400"F+ i n  s i t u  s h a l e  o i l  

Operat ing condi t ions :  
Temperature, OF 815 

Space v e l o c i t y ,  Vo/Vc/hr 0.72 
Cata lys t  CO-MO 
Hydrogen feed, s c f / b b l  2700 
Hydrogen consumed, s c f / b b l  1145 

Pressure,  ps ig  1100 

Product y ie lds :  

Liquid product 
C5 - 160'F 
160' - 400°F 
400 OF+ 
Coke 
Hydrogen 
Methane 
Ethane 
Propane 
Isobutane 
Butane 
Butenes 
Amonia 
Hydrogen s u l f i d e  
Water 

Percent  of feed 
W t  vo 1 

95.60 102.40 
1.14 1.69 

16.33 18.79 
78.13 81.92 
0.13 

-1.92 
0.80 
0.84 
0.78 
0.12 0.19 
0.41 0.63 
0.09 0.13 
1.63 
0.59 
0.92 

Percent  of crude 
w t  v o l  

73.28 76.22 
0.87 1.26 

12.52 13.99 
59.89 60.97 
0.10 

-1.47 
0.61 
0.64 
0.60 
0.09 0.14 
0.31 0.47 

. 0.07 0.10 
1.25 
0.45 
0.71 



TABLE 3. - P r o p e r t i e s  o f  cha rge  s t o c k  and products  from 
hydrogena t ion  of 400°F+ oil from i n  s i t u  crude 

T o t a l  Light  Heavy 
l i q u i d  naphtha naphtha 

Charee Droduct C4-160°F 160°-4000F 400°F+ 

P r o p e r t i e s :  
Grav i ty ,  'API 
Carbon, w t  p c t  
Hydrogen, w t  p c t  
Nitrogen,  wt p c t  
S u l f u r ,  w t  p c t  
Hydrocarbons, vol p c t :  

P a r a f f i n s  
Naphthenes 
O l e f i n s  
Aromatic s 

ASTM d i s t i l l a t i o n s ,  
O F  a t  760 mm: 

IBP 
5 p c t  recovered 
10 
20 
30 
40 
50 
60 
70 
80 
90 
95 
EP 
Recovery, vol p c t  

Octane numbers: 
Research, clear 
+ 3 ml TEL 

25.1 
85.19 
11.61 
1.87 
0.59 

- 
- 

- 
437 
457 
483 
510 
534 
573 
6 14 
657 
678 - 
- 
679 

83.5 

- 
- 

36.6 80.0 
86.24 83.42 
13.22 16.49 
0.48 
0.06 

- 
- 
- 
- 

168 
332 
387 
437 ' 
46 5 
486 
508 
532 
561 
598 
644 
6 94 
694 
95.0 

- 

48.5 
86.16 
13.53 
0.28 
0.01 

53.6 
29.8 
0.0 
16.6 

199 
244 
261 
2 75 
2 98 
306 
3 16 
326 
340 
352 
365 
375 
381 
98.0 

55.4 
75.2 

32.5 
86.32 
13.11 
0.56 
0.02 

434 
46 1 
46 7 
478 
495 
512 
538 
567 
602 
638 

661 
87.0 
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TABLE 4. - Hydrodeni t rogenat ion of naphtha 

Operat ing cond i t ions :  
Temperature, "F 700 
P res su re  , p s i g  1500 
Space v e l o c i t y ,  Vo/Vc/hr 1.07 
C a t a l y s t  Ni-W 
Hydrogen f eed ,  s c f / b b l  5000 
Hydrogen consumed, s c f / b b l  64 9 

Product y i e l d s :  

Liquid product 
Coke 
Hydrogen 
Methane 
Ethane 
Propane 
Isobu t ane  
Butane 
Amonia 
Hydrogen s u l f i d e  

Percent  of feed 
w t  v o l  

98.72 103.96 
0.03 

-1.23 
0.03 
0.22 
0.42 
0.11 0.16 
0.14 0.20 
1.09 
0.47 

Pe rcen t  o f  c rude  
w t  v o l  

35.41 41.13 
0.01 

-0.44 
0.01 
0.08 
0.15 
0.04 0.06 
0.05 0.08 
0.39 
0.17 
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TABLE 5. - Properties of HDN charge and product naphthas 

Charge Product 

Properties: 
Gravity, OAPI 44.8 54.2 
Carbon, wt pct 84.96 84.98 
Hydrogen, w t  pct  - 13.61 15.02 
Nitrogen, ppm 9000 4 
Sulfur, w t  pct 0.43 0.00 
Hydrocarbons, vol pct: 

56.1 
38.4 
0.0 

Paraffins 
Na ph t henes 
Olef ins  12 
Aromatics 23 5.5 

IBP 2 03 175 
5 pct recovered 257 237 
10 273 252 
20 2 94 268 
30 309 281 
40 32 3 30 1 
50 336 317 
60 \I 346 331 
70 ' 357 343 
80 ' 367 358 
90 379 377 
95 389 395 
EP 400 404 

E 65 
ASTM d i s t i l l a t i o n ,  O F  a t  760 mm: 

Recovery, v o l  p c t  98.0 97.3 
Octane numbers: 

Research, c l e a r  57.0 36.4 
+ 3 ml TEL - 59.3 
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TABLE 6. - Reforming of HDN naphtha 

Operating cond i t ions  : 
Temperature ~ O F  859 
Pressure ,  p s i g  500 
Space v e l o c i t y ,  Vo/Vc/hr 3.01 

Hydrogen feed ,  s c f / b b l  3500 
Hydrogen y i e l d ,  s c f / b b l  95 1 

C a t a l y s t  RD-150 

Product y i e l d s  : 

Liquid product 
Hydrogen 
Methane 
Ethane 
Propane 
Propylene 
Is obu tane  
Butane 

Percent  of feed 
w t  v o l  

91.85 89.61 
1.89 
0.48 
1.44 
2.54 
0.05 0.06 
0.65 0.88 
1.10 1.46 

Percent of c rude  
W t  vo 1 

32.52 36.86 
0.67 
0.17 
0.51 
0.90 
0.03 0.03 
0.23 0.36 
0.39 0.60 
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TABLE 7. - Properties of reformate 

ASTM distillation, O F  at 760 m: 
IBP 14 1 

10 230 
20 259 
30 2 75 
40 2 90 
50 308 
60 318 
70 330 
80 340 
90 357 
95 375 
EP 383 
Recovery., vol pct 96.5 

5 pct recovered 201 

Octane numebers: 
Research, clear 
+ 3 ml TEL 

73.0 
90.0 

1 
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TABLE 8. - C a t a l y t i c  c racking  of 400"F+ hydrogenate 

Operating condi t ions :  
Temperature, OF 899 
P res su re  Atmospheric 
Space v e l o c i t y ,  Vo/Vc/hr 0.8 
C a t a l y s t  HZ-1 

Product y i e l d s :  

Liquid product 

400°F+ 
Coke 
Hydrogen 
M e  thane 
Ethane 
Ethylene 
Propane 
Propylene 
I sobutane  
Butane 
Butenes 

C5 - 400°F 

Percent  of feed 
w t  v o l  

76.34 81.01 
24.54 30.60 
51.80 50.41 

7.21 
0.47 
1.27 
1.29 
0.65 
2.74 
2.24 3.73 
4.46 6.88 
1.50 2.24 
1.84 2.42 

Percent  of c rude  
W t  vo 1 

45.72 55.81 
14.70 18.66 
31.02 30.74 
4.32 
0.28 
0.76 
0.77 
0.39 
1.64 
1.34 2.27 
2.67 4.20 
0.90 1.36 
1.10 1.48 
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T A B U  9. - Properties of products from cata ly t i c  
cracking of 400°F+ hydrogenate 

Cg-400°F 400°F+ 

ASTM d i s t i l l a t i o n ,  OF a t  760 m: 
IBP 107 410 
5 p c t  recovered 123 435 
10 140 439 
20 155 448 
30 180 455 
40 228 467 
50 2 56 479 
60 281 506 
70 2 96 526 
80 3 18 
90 344 - 
95 365 - 
EP 3 73 530 
Recovery, v o l  pct 96.0 71.5 

Octane numbers: 
Research, c l ear  
+ 3 m l  TEL 

. 90.9 
99.2 
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TABLE 10. - Summary of y i e l d s  from r e f i n i n g  of i n  s i t u  c rude  s h a l e  o i l  

Processl-/.  w t  pc t  A B C D Tota l s  

C5 - 160'F gaso l ine  0.87 0.87 
Ref orma t e 32.52 32.52 
CC gaso l ine  14.70 14.70 
400°F+ recyc le  o i l  31.02 31.02 
Coke 0.10 0.01 4.32 4.43 
Hydrogen -1.46 -0.44 0.67 0.28 -0.95 
Methane 0.61 0.01 0.17 0.76 1.55 
E thane 0.64 0.08 0.51 0.77 2.00 
Ethylene 0.39 0.39 
Propane 0.60 0.15 0.90 1.64 3.29 
Propylene 0.03 1.34 1.36 
Is obu tane  0.09 0.04 0.23 2.67 3.03 
Butane 0.31 0.05 0.39 0.90 1.65 
Butenes 0.07 1.10 1 . 1 7  
Ammonia 1.25 0.39 1.64 
Hydrogen s u l f i d e  0.45 0.17 0.62 
Water 0.71 ' 0.71 

100.95 
>? 

- 11 A. Hydrogenation of 400°F+ i n  s i t u  c rude  a t  81S°F, 1100 p s i g ,  and 
0.72 LHSV. 

B. Hydrodenitrogenation of r a w  naphtha and 16Oo-400"F naphtha from A 
a t  700°F, 1500 ps ig ,  and 1.1 LHSV. 

C. Reforming of  naphtha from B a t  500 ps ig ,  859"F, and 3 L E V  t o  y i e l d  
89.6 vol pc t  of 90 RON + 3 reformate.  

D. C a t a l y t i c  c racking  of 400"F+ o i l  from A a t  899'F and 0.8 LHSV. 
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THE EFFECT OF MILD OXIDATION ON THE QUALITY OF A 
SHALE-OIL NAPHTHA FRACTION 

E. B. Smith, A. W. Decora, and G. L. Cook 

U.S. Department of the Interior, Bureau of Mines 
Laramie Energy Research Center, Laramie, Wyoming 82070 

INTRODUCTION 

Green River shale-oil naphthas have several properties that make them require extensive refining 
before they can be utilized. These properties include high levels of sulfur, nitrogen, and olefinic 
compounds. Although Green River shale-oil naphtha i s  similar in hydrocarbon composition to 
thermally cracked petroleum naphthas, a higher nitrogen content of the shale-oil naphtha [typi- 
cal ly about 1 weight-percent (l)'] distinguishes i t  from cracked petroleum naphthas. Another dis- 
tinguishing characteristic of shile-oil naphtha i s  its higher reactivity to oxygen compared to 
thermally cracked petroleum naphthas. In one case, this high reactivity to oxygen was reported 
to  cause the formation of as much as 10 weight-percent of high-molecular-weight gum containing 
7 to 8 weight-percent nitrogen (2). This facile reaction with oxygen, which concentrates nitro- 
gen in easily removable heavy pTducts, suggests that oxidation of shale-oil naphthas might be 
employed to improve the quality of the naphtha. 

To explore this possibility, a fraction boiling at  140" to 150' C and selected for its high nitrogen 
content and instability was distilled from a heavy shale-oil naphtha and portions of this fraction, 
hereafter called the naphtha fraction, were allowed to react with measured amounts of oxygen 
under m i ld  conditions. Samples taken during the reactions were separated 'into gum and volatile 
material by vacuum distillation and the volatile material, hereafter called oxidized naphtha, was 
analyzed. The effect of oxidation on nitrogen content and major hydrocarbon groups was assessed 
Also the susceptibility of an oxidized naphtha to further oxidation was investigated, and an oxi- 
dation experiment was conducted on the naphtha fraction after its nitrogen content was reduced 
by silica-gel treatment. T h i s  paper describes the results of these experiments. 

EXPERIMENTAL PROCEDURE 

PreDaration of NaDhtha Fraction 

The source of the naphtha fraction was a heavy naphtha from Green River shale o i l  produced in  an 
internally fired retort. Based on preliminary testing and analyses of narrow boiling fractions of 
the heavy naphtha, material boiling at 140" t o  150" C (760 Torr) was selected for study. This 
material, which had a high nitrogen content and showed high reactivity toward oxygen, was dis- 
t i l led from the source naphtha i n  a simple glass distillation apparatus under nitrogen protection. 
About 1.5 liters of this fraction were redistilled in a jointless all-Pyrex glass bulb-to-bulb 
vacuum distillation apparatus a t  lod Torr. The waterwhite, gum-free distillate was divided 
into samples of convenient size by pouring into glass ampoules under vacuum. The flame-sealed 
ampoules were stored in the dark unti l  used for analyses or oxidation experiments. This naphtha 
fraction had a nitrogen content of 1.26 weight-percent. 

' Underlined numbers i n  parentheses refer to items in the list of references at the end of this 
report. 
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Ox idat i on Apparatus 

, 

The apparatus consisted of an oxidation vessel, electrolytic oxygen supply system, and associated 
valves and tubing. The oxidation vessel was a flat-bottomed, wide mouthed, cylindrical glass 
vessel equipped with a water jacket and fitted with a glass head with access pork for introduction 
of sample and gas. The head was sealed to the main body by an O-ring. 

The electrolytic oxygen supply system consisted of an electrolysis cell, constant current DC sup- 
ply, AC control circuit, drying tower, and check valve. The electrolysis cell, made of Pyrex 
glass and equipped with platinum electrodes, was essentially two concentric cylindrical chambers 
held vertical by a clamp. The outer chamber, containing the negative electrode, was a cylinder, 
55 mm ID and 120 mm high, open at the top. Hydrogen released in this chamber was vented to  
the atmosphere. The inner chamber, 30 mm ID by 110 mm high, closed at the top and ring-sealed 
to the outer chamber at the bottom, vented to the oxidation system through an inner concentric 
tube, 10 mm i n  diameter, ring-sealed at the bottom of the chamber, and extending to near the top 
of the inner chamber. A hole in  the wal l  of the inner chamber near the bottom allowed free flow 
of the 0.5 N sulfuric acid electrolyte between the inner and outer chambers of the cell. Elec- 
trolyte levzwas maintained below the top of this inner concentric tube. Oxygen released at the 
positive electrode in the inner chamber rase to the surface of the electrolyte and passed out of  the 
cell through the inner concentric tube. This tube extended from the bottom of the cell and ended 
in an O-ring joint by which the cell was attached to  the system. 

The electrolysis cell was powered by a Sorensen QRB 20-1.5 DC  upp ply,^ wired for constant cur- 
rent operation that was turned on and off by an AC control circuit. This circuit included a relay, 
a General Electric elapsed-time meter displaying minutes and tenths, and a platinum wire contact 
that functioned as a pressure switch. This contact was set to touch the electrolyte surface i n  the 
:cell outer chamber at equilibrium pressure, completing a circuit that held the relay contacts open. 
A drop in system pressure, causing the electrolyte level to rise in  the inner cell chamber and drop 
in  the outer cell chamber, broke the contact, allowing the relay points to close the AC circuit to 
the timer and power supply. Oxygen generated in the cell inner chamber restored system pressure 
to equilibrium and remade the contact, thus shutting off the power supply and timer. This cell and 
control arrangement were adapted from a system used for measuring biological oxygen demand (3). 

Oxygen from the cell was dried by passing through 2 A molecular sieves in a water-jacketed glass 
tower, 25 mm ID by 150 mm high. The drying-tower outlet was connected to a water-iacketed 
glass check valve that prevented back flow through the oxygen supply system. This valve was a 
low-form, flat-bottomed, closed chamber with a vertical capillary inlet dipping 1 mm into a pool 
of mercury, and an outlet side arm above the mercury level that connected to the manifold. 

The system components were connected i n  series by 1/8 inch OD Teflon tubing and stainless steel 
pressure fittings to form a gas-tight manifold. Stainless steel valves in the system permitted iso- 
lation of major components, control of gas flow, and provided access for pressure adjustment and 
gas inlet. 

Auxiliary equipment included two Brinkmann/Lauda K2R circulating water baths, a Cole-Parmer 
9'' x 9" magnetic stirrer, and a Teflon-covered stirring disk. One bath controlled the tempera- 
ture of the oxidation vessel; the other bath controlled the temperature of the drying tower and 
check valve. The magnetic stirrer activated a stirring disk that agitated the naphtha sample 
during oxidation experiments. 

- 

I 
Reference to  specific brand names i s  made for identification purposes only and does not imply 
endorsement by the Bureau of Mines to the exclusion of others that may be suitable. 
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Oxidation Experiment 

In a typical experiment, the circulating baths were adjusted to the desired temperatures (20° or 
25O C), and the apparatus was evacuated and refilled with dry oxygen three times. During this 
operation, the cell contained no electrolyte and was plugged with a rubber stopper. The appara- 
tus was evacuated through a port on the reaction vessel, and cylinder oxygen was admitted through 
the drying tower. With the system filled with oxygen at slightly above atmospheric pressure, the 
cel l  was unstoppered and f i l led with electrolyte. After adjusting the liquid in the inner and outer 
chambers to the same level, the platinum wire contact of the control circuit was adjusted to touch 
the electrolyte surface. The oxidation vessel was then shut off from the manifold and flushed with 
air.  A weighed sample of the naphtha fraction was poured into the vessel through the sample in- 
troduction port and stirred 5 minutes with the port open. During this period the electrical system 
was turned on, pressure was reduced slightly in the oxygen supply system, the cell current was 
adjusted to 700 mA, and the system was brought to atmospheric pressure by cell operation. When 
the cell shut off, the sample port was closed, the elapsed time meter was set to zero, the vessel 
was opened to the manifold, and the time was recorded. At intervals throughout the run, the time 
and the reading of the elapsed-time meter were recorded. The quantity of oxygen supplied was 
calculated from the value of the cell current and the reading of the elapsed time meter, using 
Faraday’s law. 

The reaction mixture was sampled by syringe and needle several times in the first 24 hours of reac- 
tion and thereafter at random intervals of 24 to 72 hours. Each sample was transferred to an 
ampoule that was then attached by means of a stainless steel O-ring fitting to a vacuum transfer 
manifold. The sample was freeze-thaw degassed, the oxidized naphtha was distilled at room temp- 
erature and lod Torr into another ampoule immersed in liquid nitrogen, and the ampoules were 
sea led  off by flame. 

At the end of the run the oxidation vessel was shut off from the manifold and the reaction mixture 
was allowed to stand,l hour without agitation. The liquid was then decanted into an ampoule and 
was distilled in the same manner as  earlier samples. 

Analytical Methods 

Total nitrogen was determined by microcoulometry (4) or the Kjeldahl method (5). Basic nitrogen 
was determined by potentiometric titration with’0.17\1 perchloric acid-dioxanesolution using a 
solvent medium composed of equal volumes of benzeneand acetic anhydride (6). 

A silica-gel adsorption method (7) was employed to determine hydrocarbon groups. Samples were 
not treated to remove tar acids azd bases before analysis (a modification of the published method). 

- 

RESULTS AND DISCUSSION 

The results of the study demonstrate that the shale-oil naphtha fraction i s  much more reactive 
toward oxygen than is an unstable petroleum distillate. Furthermore, quantitative assessment of 
chemical changes in the naphtha fraction indicates that oxidation may be exploited as a means of 
improving shale-oil naphtha. A silica-gel adsorption treatment provided evidence of the con- 
stituents that are responsible for the instability of the naphtha fraction. 

Selected properties of the naphtha fraction of this study, the heavy shale-oil naphtha from which 
it was separated, an NTU shale-oil naphtha, and an unstable thermally cracked petroleum naphtha 
are shown in table 1. The table gives the sulfur and nitrogen contents and the hydrocarbon com- 
position of the materials. The thermal ly-cracked petroleum distil late chosen for this comparison, 



TABLE 1. - Selected properties of three shale-oil distillates and an 
unstable petroleum distillate 

Boiling Total Basic H ydrocarbon 
range, Sulfur, nitrogen, nitrogen, composition, vol pct 

Distillate type 'C wt pct wt pct wt pct Saturates Olefins Aromatics 

S.O. naphtha 

S.O. heavy 
fraction (this work) 140-150 0.66 1.26 1.08 28 42 30 

naphtha 139-227 .87 1.53 1.20 28 49 23 
NTU S.O. naphtha 67-213 1.24 1.21 1 .oo 30 48 22 

No. 126 189-368 1.19 .37 .18 34 21 45 
TC' California dist . 

' Thermally cracked. 

although not typical of a l  I thermally cracked petroleum naphthas, had properties similar to those 
of the shale-oil naphthas. This distillate had the highest nitrogen content and oxygen suscepti- 
b i l i ty  of the 34 distillate fuels that were investigated in another stability study (8). The properties 
shown for the shale-oil naphthas, and in particular the high nitrogen and olefin &tents, are typi- 
cal for Green River shale-oil naphthas. Although most of the nitrogen i s  in the basic form (6) ,  the 
difference between total nitrogen content and basic nitrogen content i s  probably pyrrole nitrogen. 
In the case of the naphtha fraction of this study, some confirming evidence for the presence of 
pyrroles was shown by the presence of an N-H stretching vibration in  the infrared spectrum. 

The first part of the research was a quantitative comparison of the rates of oxygen consumption by 
the naphtha fraction to the rate of oxygen consumption of the petroleum distillate of table 1. 
Oxygen absorption curves for the petroleum distillate at 66' C (8) and for the naphtha fraction at  
20' and 25' C are shown in figure 1. The curves for the naphtha fraction, representing three oxi- 
dation runs at 20' C and two runs at 25" C, are the best that could be drawn through a l l  data 
points. It can be seen that in 40 hours the naphtha fraction at 20' C had absorbed as much oxy- 
gen as the petroleum distillote at  66' C. At 25' C, the naphtha fraction absorbed more than twice 
as much oxygen in 40 hours as the petroleum distillate. The difference i s  especially notable when 
one considers that the petroleum distil late selected for this comparison represents an extreme case 
found among petroleum distillates for which oxygen consumption data are reported. 

The effect of oxygen absorption on both the total nitrogen content and the basic nitrogen content 
was examined. Figure 2 shows the quantitative effect on these concentrations as oxygen i s  ab- 
sorbed. In this figure, oxygen and nitrogen are expressed in  moles per liter of naphtha. Early in 
the reaction, absorption of 0.04 mole of oxygen per liter of naphtha results in  a total decrease of 
0.07 mole of nitrogen per liter, but basic nitrogen i s  reduced only 0.04 mole per liter; the differ- 
ence represents a reduction of 0.03 mole of nonbasic nitrogen per liter. Because nonbasic nitrogen 
i s  attributed to  pyrroles, these data give indirect evidence of the early participation of pyrroles in 
the oxidation process. As the reaction progresses, basic nitrogen concentration decreases linearly 
in  the ratio 0.4 mole of basic nitrogen per mole of oxygen absorbed. Total nitrogen concentration 
decreases somewhat more slowly, approaching half of the original concentration of total nitrogen. 
The resulting divergence of the two curves near the end of the reaction period reflects a buildup 
of nonbosic nitrogen compounds during the oxidation and a gradual decrease i n  the efficiency of 
nitrogen removal. The results of these experiments show that the concentration of total nitrogen 
was reduced 45 percent and the concentration of basic nitrogen was reduced 48 percent upon ab- 
sorption by the naphtha of 0.3 mole of oxygen per liter. The gum recovered at this oxidation 
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level amounted to about 8 weight-percent of the starting material. Thus nitrogen was concen- 
trated in heavy products easily removed from the mixture by distillation. These data indicate the 
possible ut i l i ty  of the mild oxidation reaction for improving the quality of shale-oil naphthas 
through nitrogen removal. 

cHydrocarbon analyses were made on the original naphtha fraction and on oxidized naphtha at two 
levels of oxidation. The results of these analyses are given in table 2. The analyses show that 

TABLE 2. - Hydrocarbon analysis of a 140' to 150' C shale-oil 
naphtha fraction at different levels of oxidation 

0 I ef i ns Aromatics 
Oxygen absorbed, Hydrocarbon analysis, vol pct  saturates saturates 
moIes/Iiter x 103 Saturates Olefins Aromatics ratio ratio 

0 30 40 30 1.33 1 .oo 
171 33 43 24 1.30 .73 
247 39 37 24 .95 .62 

the oxidation results in a loss o f  both olefinic and aromatic compounds relative to saturates, which 
are assumed not to react. The aromatic portion of the naphtha decreased faster in i t ia l ly  than did 
the olefinic portion. Th is  effect i s  partly due to the formation of heavy products from reactive 
substances such as pyridines, pyrroles, and sulfur compounds during the oxidation. These com- 
pounds are measured in  the aromatic portion of the naphtha in  the method of analysis used [silica- 
gel displacement (7)]. As the oxidation progresses, the olefin concentration declines more rap- 
id ly than the aromatic concentration, shown by'the relatively sharp decrease in the olefin-saturate 
ratio. The nitrogen content at the highest level shown was 0.75 weight-percent, or about 60 per- 
cent of the original concentration. 

A test of the stability of the oxidized shale-oil naphtha was made by subjecting an oxidized naph- 
tha to a second oxidation. The oxidized naphtha, containing 0.82 weight-percent nitrogen, was 
reoxidized a t  20' C. It exhibited a rate of oxidation about one-fourth that of the original 
fraction. Oxygen absorbed in the first 60 hours was about 11 x 10-3 moles per liter compared 
with 42 x 10-3 moles per liter b y  the original material i n  the same period. This test shows the 
improvement in quality over the original naphtha as measured by stability to  further oxidation 
brought about by the first oxidation. T h i s  apparent stabilization of the naphtha by oxidation may 
be due to the removal of reactive components or to the formation of substances that inhibit oxida- 
tion, or both. The selective removal of nitrogen compounds in the form of heavy oxidation prod- 
ucts suggests that nitrogen compounds are important reactive components. Consequently, removal 
of nitrogen compounds from the naphtha fraction should lower i t s  reactivity toward oxygen. 

To examine this possibility, part of the nitrogen was removed from the naphtha fraction by silica- 
gel adsorption. The method was essentially the same as that used for hydrocarbon group analysis 
(7), scaled up to accommodate a large (134-gram) sample. The first 91 percent of the naphtha 
fzct ion (122 grams) that emerged from the column was collected. This method reduced the nitro- 
gen content from 1.26 to  0.67 percent. When this material was subjected to mild oxidation, the 
oxygen absorption curve was found to be nearly the same as that for the reoxidized shale-oil 
naphtha. A comparison of the two absorption curves i s  shown in  figure 3. The slightly higher 
rate of the silica-gel-treated sample i s  probably due to the slightly higher temperature of this oxi- 
dation (25' C compared with 20° C for the oxidized shale-oil naphtha). This experiment showed 
that mild oxidation of the naphtha was as effective as the use of adsorbents for improving the 
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quality of the naphtha. The use of oxygen (air) in a commercial process would probably be more 
economical than the use of adsorbents. This experiment also indicates that nitrogen compounds 
are important reactive components, and demonstrates the beneficial effects of lowering the nitro- 
gen concentration of the naphtha. 

The possibility that oxidized naphtha contains oxidation products that inhibit further oxidation i s  
being investigated. Efforts are being made to  isolate and identify the volatile nonbasic-nitrogen- 
containing products whose formation i s  indicated by the divergence of the curves in figure 2. The 
role of individual nitrogen compounds in the oxidation process and the composition of the heavy 
oxidation products are also under investigation. 

CONCLUSION 

The results of this preliminary study indicate that mild oxidation of shale-oil naphthas could be 
used to improve the quality of the naphthas. The mild oxidation results in a significant reduction 
i n  the quantity of undesirable nitrogen compounds, leading to a naphtha of improved stability 
towards further oxidation. The oxidation treatment may provide a better quality naphtha for 
further processing into usable fuels. 
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INTRODUCTION 

C a t a l y t i c  reforming i s  a ' p rocess  f o r  conver t ing  low-octane naphthas or  gaso l ines  
i n t o  high-octane products.  Most c a t a l y t i c  reforming processes r e q u i r e  very  c l ean  
feeds tocks  t o  avoid  d e a c t i v a t i n g  t h e  c a t a l y s t s .  Raw s h a l e - o i l  naphthas produced 
dur ing  r e t o r t i n g  o r  by subsequent thermal c racking  of the  crude sha le  o i l  have poor 
c o l o r  and ox ida t ion  s t a b i l i t y ;  they t u r n  dark  i n  c o l o r  and form l a r g e  amounts of gum 
soon a f t e r  they  a r e  prepared. The i r  i n s t a b i l i t y  and t h e i r  high con ten t s  of s u l f u r  
and n i t rogen  compounds make them unsu i t ab le  as  feeds tocks  t o  modern noble-metal 
c a t a l y t i c  reforming processes. 

To overcome t h e  problems a s soc ia t ed  with upgrading s h a l e - o i l  naphthas,  produc- 
t i o n  of s t a b l e  naphthas by c a t a l y t i c  hydrogenation of crude sha le  o i l  o r  by coking 
of crude sha le  o i l ,  followed by hydrogenation of t h e  coker d i s t i l l a t e ,  has  been 
inves t iga t ed  (1,6). 
a t ed  coker d i s t i l l a t e  have been published (6), bu t  l i t t l e  informat ion  has  been 
published on c a t a l y t i c  reforming of t he  naphtha obtained by hydrogenating crude 
sha le  o i l .  
naphtha from hydrogenated crude over a broad range of reforming temperatures and 
pressures .  

A few r e s u l t s  on c a t a l y t i c  reforming of naphtha from hydrogen- 

The present  s tudy  w a s  undertaken t o  provide informat ion  on reforming the  

Cyclohexane w a s  reformed a t  t he  same cond i t ions  as those  used f o r  t h e  hydrogen- 
a t ed  s h a l e - o i l  naphtha so a comparison could be  made between t h e  r e s u l t s  obtained 
with t h e  hydrogenated naphtha and those  obtained wi th  t h i s  good reforming feedstock. 

LABORATORY PROCEDURES 

Naphtha Feedstock P repa ra t ion  

Shale o i l  was prepared by t h e  gas-combustion process from Green River  o i l  sha l e  
a t  t h e  Bureau of Mines f a c i l i t y  near  R i f l e ,  Colo. 
remove spent  shale dus t  and was separa ted  from water by d e c a n t a t i o n  and d i s t i l l a t i o n .  
It .was then hydrogenated i n  a once-through opera t ion  wi th  a cobalt-molybdenum-carrier 
c a t a l y s t  a t  a temperature of 790'F, a pressure  of 1,000 ps ig ,  a l i q u i d  hour ly  space 
v e l o c i t y  (LHSV) of 0.1 volume of o i l  per volume of c a t a l y s t  per hour, and a hydrogen 
feed r a t e  of 6,000 scf /bbl .  The hydrogenation removed over 90 percent  of t h e  n i t r o -  
gen and s u l f u r  from the  o i l .  The hydrogenated o i l  w a s  f r a c t i o n a t e d  wi th  a t r u e  bo i l -  
ing poin t  appara tus ,  and t h e  f r a c t i o n  t h a t  d i s t i l l e d  between 160' and 400°F w a s  
f u r t h e r  hydrogenated with a n i c k e l  tungs ten  c a t a l y s t  a t  a temperature o f  700'F 
of 1,500 ps ig ,  LHSV of 1.0, and hydrogen feed r a t e  of 5,000 s c f / b b l  t o  reduce i t s  
n i t rogen  con ten t  t o  7 ppm and i t s  s u l f u r  conten t  t o  less than  0.001 weight percent.  
The l i g h t  ends of t he  l i q u i d  product from t h e  second hydrogenation s t e p  were d i s t i l l e d  

(10). The o i l  w a s  f i l t e r e d  t o  

r e s su re  
? P  
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o f f  wi th  a c u t  po in t  of 160°F, and the  h igher  b o i l i n g  p o r t i o n  of t h i s  product (amount- 

s tock .  
. i ng  t o  32 volume-percent of t h e  c rude  o i l )  was used  as t h e  hydrogenated naphtha feed- 

The two-stage hydrogenation procedure was used  because e a r l i e r  experiments had 
shown t h a t  naphtha wi th  a n i t r o g e n  con ten t  of l e s s  than  50 ppm was not  produced i n  a 
s i n g l e  s t a g e  wi th  e i t h e r  catalyst .  
a l y s t  d e p o s i t s  than t h e  n i c k e l  tungs ten  c a t a l y s t  when hydrogenating c rude  sha le  o i l ,  
but t h e  n i c k e l  tungsten c a t a l y s t  appeared t o  e f f e c t  b e t t e r  n i t r o g e n  removal i n  t h e  
second s t a g e  where a r e l a t i v e l y  c l e a n  naphtha feed was used. 
hydrogenation wi th  two c a t a l y s t s  appeared more d e s i r a b l e  than a two-stage hydrogena- 
t i o n  us ing  t h e  same c a t a l y s t  i n  bo th  s t ages .  

The c o b a l t  molybdate c a t a l y s t  produced lower c a t -  

Thus, t h e  two-stage 

Var iab les  of Reforming 

The experiments desc r ibed  h e r e  were made f o r  t h e  purpose of eva lua t ing  hydrogen- 
a t ed  s h a l e - o i l  naphtha as a f eeds tock  f o r  e s t a b l i s h e d  reforming processes.  However, 
f i n d i n g  the  b e s t  ope ra t ing  cond i t ions  f o r  a process  i s  an important pa r t  of research;  
f a i l u r e  t o  proper ly  c o n t r o l  t h e  ope ra t ing  v a r i a b l e s  may r e s u l t  i n  an  uneconomical 
process.  
mine t h e  y i e l d  and q u a l i t y  of t h e  products  (7). 

I n  the  ins tance  of reforming, v a r i a b l e s  such as those  shown i n  t a b l e  1 d e t e r -  

An exhaus t ive  i n v e s t i g a t i o n  of the  reforming v a r i a b l e s  w a s  no t  poss ib l e  wi th  the 
small l abora to ry - s i ze  q f i an t i t i e s  of feeds tock  t h a t  were a v a i l a b l e ,  so a s e l e c t i o n  of 
t h e  v a r i a b l e s  t o  be inves t iga t ed  was necessary.  Changes i n  temperature and pressure  
have more pronounced e f f e c t s  on t h e  y i e l d  and q u a l i t y  of products than  changes i n  the  
o the r  v a r i a b l e s ;  t he re fo re ,  t o  approximate t h e  b e s t  set of ope ra t ing  condi t ions  wi th  
a commercial reforming c a t a l y s t ,  p re se l ec t ed  ranges o f  temperature and pressure  wi th in  
t h e  usua l  commercial reforming ranges  were chosen f o r  i n v e s t i g a t i o n ,  w i t h  t h e  o the r  
v a r i a b l e s  he ld  cons tan t .  Of the  two v a r i a b l e s ,  temperature and pressure ,  a proper 
s e l e c t i o n  of opera t ing  tempera ture  i s  probably more important.  A s  t h e  temperature i s  
inc reased ,  t h e  equi l ibr ium is s h i f t e d  toward a n  inc rease  i n  t h e  product ion  of aromat- 
ics;  a l s o ,  hydrocracking i s  increased .  
because a t  low pressure  c a t a l y t i c  a c t i v i t y  is qu ick ly  l o s t  owing t o  coke formation. 
A s  t h e  partial pressure  of hydrogen is lowered, hydrocracking rates and gasol ine  
y i e l d s  dec rease ;  a romat i za t ion  r a t e s ,  oc tane  number, and hydrogen product ion  increase.  

Operation under hydrogen p res su re  is necessary 

Apparatus and Operating Procedure 

F igures  1 and 2 show t h e  flow diagram and t h e  equipment of t h e  reforming u n i t .  
The r e a c t o r  was the  fixed-bed type,  equipped f o r  downward flow, wi th  a n  i n t e r n a l  diam- 
e t e r  of 5/16 inch, a n  o u t s i d e  d iameter  of  9/16 inch, and an  i n t e r n a l  length  of 38.5 
inches .  The r e a c t o r  was charged wi th  8.6 m l  o f  c a t a l y s t  i n  t h e  form of 1/16-inch ex- 
t rus ions .  The c a t a l y s t  occupied 6.9 inches of t h e  r e a c t o r  length ,  and t h e  bottom of 
t h e  catalyst  bed was approximately 8.5 inches from t h e  bottom of t h e  r eac to r .  The 
upper p a r t  of t h e  r e a c t o r  was used t o  prehea t  t he  feed and hydrogen. The r e a c t o r  was 
i n s e r t e d  i n  a 36- by 3- inch  aluminum c y l i n d e r  t h a t  w a s  hea ted  by a four-element f u r -  
nace c o n t r o l l e d  by a four -poin t  e l e c t r o n i c  c o n t r o l l e r .  

Temperatures were measured by e i g h t  thermocouples i n  two v e r t i c a l  thermowells i n  
the  aluminum cy l inde r  next  t o  t h e  r eac to r .  The thermocouples were spaced a t  3.5-inch 
i n t e r v a l s  a long  the  length  of t h e  r e a c t o r  wi th  t h e  bottom thermocouple 5 inches above 
the  bottom of  the  r e a c t o r  and t h e  top  thermocouple 9 inches from t h e  top  of t he  r eac to r .  
Only t h e  temperatures measured by t h e  t h r e e  thermocouples i n  t h e  c a t a l y s t  reg ion  were 
used f o r  t h e  r e a c t i o n  temperatures.  

For convenience, hydrogen ( 9 9 . 9  p c t  pu r i ty )  from s tandard  shipping cy l inde r s  was 
s u b s t i t u t e d  f o r  the h igh ly  concent ra ted  hydrogen r ecyc le  gas t h a t  i s  normally used, t o  
keep coke laydown on t h e  catalyst  t o  a minimum. A t  t h e  beginning of each run, before  
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? l i q u i d  f eed  was s t a l l e d ,  t he  system was p res su r i zed  wi th  helium, and helium w a s  fed 

through t h e  system a t  a slow r a t e  f o r  s e v e r a l  hours while t h e  furnace  was hea t ing  
the  r e a c t o r  t o  r e a c t i o n  temperature. A f t e r  t h e  r e a c t o r  reached t h e  d e s i r e d  r eac t ion  ' temperature,  t h e  helium was replaced by hydrogen and t h e  feed pump was s t a r t e d .  The 

1 feed was pumped by a p o s i t i v e  displacement pump a t  the  rate of 2 5  c c / h r ,  and t h e  1 hydrogen was metered through a ro tameter  a t  t h e  r a t e  of 3,000 sc f /bb l .  A f t e r  passing 
through t h e  r e a c t o r ,  t h e  o i l  and gas were cooled through a double-pipe hea t  exchanger 
and then  passed i n t o  a low-pressure r ece ive r .  Ou t l e t  gases  were reduced t o  atmos- 

' pher ic  pressure ,  metered through a pos i t ive-d isp lacement  d r y  meter, and s to red  i n  a 
j S m a l l  s t a i n l e s s  s t e e l  tank from which samples were taken f o r  a n a l y s i s .  The l i q u i d  
? product was separated i n t o  s t a b l e  and heavy re formates  a t  a c u t  po in t  of  400'F a t  ' '760 mm pressure  using a Vigreux column and a condenser. 

reformate i n  a l l  samples. 
There w a s  a t r a c e  of heavy 

J 

A t o t a l  of 27 t e s t s  was run. The f i r s t  n ine  tests were run whi le  some minor 
r ev i s ions  t o  t h e  new equipment were be ing  made, and d a t a  from these  runs are not re -  ' ported. A l l  
tests were c a r r i e d  o u t  a t  a nominal LHSV of 3 volumes of o i l  per  volume of c a t a l y s t  
per hour and a hydrogen feed r a t e  of 3,000 sc f /bb l .  

'\> onstream t e s t  periods of 17 t o  24 hours , with  t o t a l  throughputs of 50 t o  70 volumes 
of feed p e r  volume of c a t a l y s t .  Operating p res su res  of 200, 400, and 600 ps ig  were ' used a t  nominal temperatures of 850°, 875', and 900°F. The furnace surrounding the  ' r e a c t o r  permitted the tests t o  be made e s s e n t i a l l y  i so thermal ly .  

) f o r  t h e  ind iv idua l  runs are given i n  t a b l e s  2 and 3. 

! Cata lys t  

Nine tests were made wi th  cyclohexane and n ine  wi th  s h a l e - o i l  naphtha. 

The experiments were run f o r  

Spec i f i c  d e t a i l s  

The c a t a l y s t  was commercial platinum-on-sil ica-alumina i n  t h e  form of 1/16-inch- 
It had been t r e a t e d  with a h a l i d e  dur ing  manufacture t o  promote ' diameter  ex t rus ions .  1 ac id-ca ta lyzed  reforming r eac t ions .  Fresh c a t a l y s t  was  used f o r  each reforming run .  

RESULTS AND DISCUSSION 
\ 

C a t a l y t i c  reforming improved the  q u a l i t y  of motor f u e l  r a t h e r  than  i t s  y i e l d .  

The main r eac t ions  of c a t a l y t i c  reforming 
Reforming d i f f e r s  from cracking  processes because t h e  charge s tocks  a r e  a l r eady  i n  or 
near t h e  b o i l i n g  range of gaso l ine  (6). 
a r e  shown i n  f i g u r e  3 (9). 

Severa l  samples of t h e  s t a b l e  reformate were submitted f o r  mass s p e c t r a l  group- 
type a n a l y s i s .  The method, which i s  l imi t ed  t o  samples of low o l e f i n  c o n t e n t  (3 
percent  o r  l e s s ) ,  determines s i x  c l a s s e s  of hydrocarbons: 

\d icyc loparaf f ins ,  alkylbenzenes,  indanes and t e t r a l i n s ,  and naphthalenes.  
i c a l  r e s u l t s  a r e  presented i n  t a b l e  3 and shown g raph ica l ly  i n  f i g u r e  4.  

P a r a f f i n s ,  monocycloparaffins,  
The ana ly t -  

. From the  mass s p e c t r a l  group-type a n a l y s i s ,  i t  is  apparent  t h a t  naphthene dehydro- 
gena t ion  is t h e  dominant reac t ion .  This  occurs more e a s i l y  with a n  inc rease  i n  tem- 
pe ra tu re  and a decrease i n  pressure ,  and i t  inc reases  the  octane number by a very  

f \do t i ceab le  ex ten t .  
\ 

The p a r a f f i n  carbon numbers and t h e  alkylbenzene carbon numbers were a l s o  d e t e r -  
mined from the  s p e c t r a l  group-type ana lys i s .  
of carbon atoms per molecule i n  t h e  s t r a i g h t  cha in  p a r a f f i n s  and the  alkylbenzenes.  
The s p e c t r a l  ana lyses  i n  t a b l e  3 show t h a t  t h e  average p a r a f f i n  carbon number decreased 
i n  a l l  but one run and t h e  mole percent  of p a r a f f i n s  increased  i n  a l l  runs.  This  
i n d i c a t e s  t h a t  t h e r e  w a s  some hydrocracking of t h e  l a r g e  s t r a i g h t  cha in  p a r a f f i n s  i n t o  
smal le r  s t r a i g h t  cha in  pa ra f f in s .  
h igher  octane,  bu t  severe  hydrocracking i s  undes i r ab le  because i t  g ives  poor y i e l d s  
caused by t h e  l i g h t  gases t h a t  i t  makes. 

These numbers a r e  t h e  average  number 

Hydrocracking makes s h o r t e r  p a r a f f i n s  which have a 
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A composite sample of t h e  spent  c a t a l y s t  from a l l  of t h e  reforming runs with 
hydrogenated naphtha was analyzed and found t o  con ta in  1.12 weight-percent hydrogen, 
4.76 weight percent carbon, and 87.23 weight percent  ash.  
came from cracking  of t h e  feeds tock .  

Most of t he  carbon probably 

F igures  5-A and 5 - B  show t h a t  a s  temperature was increased  t h e  A P I  g rav i ty  
decreased ,  but the i n c r e a s e  of c racking ,  ignor ing  o the r  changes i n  composition, should 
have made t h e  A P I  g r a v i t y  inc rease .  
of a romat ics  a s  shown i n  f i g u r e s  5-C and 5 4 .  

The dec rease  was probably caused by t h e  increase  

F igu re  6 shows  t h a t  a s  temperature inc reases  t h e  product y i e l d  decreases  q u i t e  
r a p i d l y  and t h e  oc tane  i n c r e a s e s  q u i t e  r ap id ly .  
numbers, and a comparison o f  f i g u r e s  5 - C  and 5-D wi th  f i g u r e s  6 - C  and 6-D,  and an  
examination of the mass spectral ana lyses ,  show t h a t  t h e  inc rease  i n  oc tane  was caused 
most ly  by a n  increase  i n  a romat ics .  

Aromatics have very  high octane 

The optimum ope ra t ing  c o n d i t i o n  f o r  each p res su re  occurs a t  t h e  poin t  where t h e  
y ie ld-oc tane  number, de f ined  a s  t h e  product of t h e  volume-percent y i e l d  and the octane 
number d iv ided  by 100, i s  a t  a maximum. Yield-octane numbers were ca l cu la t ed  f o r  the 
reforming experiments and a r e  g iven  i n  t a b l e s  2 and 3 and f i g u r e  7. 

The b e s t  q u a l i t y  re formate ,  wi th  a n  89 c l e a r  research  octane number and a y i e l d  
of 79.9 volume percent,  had t h e  h ighes t  y ie ld-oc tane  number (71.1) and was obtained 
a t  t h e  h tghes t  temperature (900'F) and lowest p re s su re  (200 ps ig) .  This suggests 
t h a t  th, optimum ope ra t ing  c o n d i t i o n  would be a t  a h igher  temperature than those 
inves t iga t ed .  
c r e a s e  f u r t h e r  b u t  would e v e n t u a l l y  l e v e l  o f f  whi le  gas production would continue t o  
i nc rease ,  causing t h e  cu rve  f o r  y ie ld-oc tane  number versus temperature t o  go through 
a maximum and curve downward. The l imi t ed  amount of feeds tock  a v a i l a b l e  d i d  not per- 
m i t  t h e  de te rmfnat ion  of t h e  temperatures a t  which these  e f f e c t s  would occur. 

A t  t h e  h ighe r  temperatures,  oc tane  numbers would be expected t o  i n -  

To determine where t h e  curves  should be drawn i n  f i g u r e s  5, 6 ,  and 7 ,  a l l  n ine  
sets of  d a t a  i n  each p a r t  of each f i g u r e  were used t o  d e r i v e  one equat ion  of the 
form (4): 

Y = A + b t  + CP + d 1 
t 

where Y = dependent v a r i a b l e  
t = temperature,  O F  

P = pressure ,  p s i g  
a,b,c,d = cons tan t s  

Thus, t h e  d a t a  obtained a t  a l l  t h r e e  pressures  inf luenced  t h e  p o s i t i o n  of each curve 
a t  any one pressure.  
n e c e s s a r i l y  go through the  d a t a  p o i n t s  f o r  t h a t  p a r t i c u l a r  pressure.  
p e r a t u r e  and pressure  had cons ide rab le  e f f e c t  on the  dependent v a r i a b l e s ,  t he  i n t e r -  
a c t i o n  terms (d E) i n  t h e  equat ions  had l i t t l e  e f f e c t .  

For  t h i s  reason  the  curve a t  any ind iv idua l  pressure  does not 
Although tem- 

t 

SUMMARY AND CONCLUSIONS 

Good q u a l i t y  re formates  were produced from the  naphtha prepared by hydrogenation 
of c rude  sha le  o i l .  
which were t h e  h ighes t  t empera ture  and lowest pressure  t e s t ed .  
c l e a r  r e sea rch  octane number of 89 and a y i e l d  of 80 volume percent.  
t h a t  a h igher  ope ra t ing  tempera ture  might g ive  a b e t t e r  y i e l d  oc tane  r e l a t ionsh ip .  

The b e s t  q u a l i t y  reformate was produced a t  900'F and 200 psig,  
This  reformate had a 

R e s u l t s  ind ica ted  
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TABLE 1. - Reforming variables 

Catalyst Time 

Pressure Naphtha 

Temperature Impurities (S,N,O, metals) 

Space veloc'ity Regeneration 

H2/naphtha rat io  Startup procedure 
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The Fuel Chemistry Division of the American Chemical Society is an internationally 
recognized forum for scient is ts ,  engineers, and technical economists concerned with 
the conversion of fuels t o  energy, chemicals, or other forms of fuel. Its interests 
center on the chemical problems , but definitely include the engineering and economic 
aspects as well. 
and water pollution, gasification, and related areas. 

Any chemist, chemical engineer, geologist, technical economist, or other scientist  
concerned with either the conventional fo s s i l  fuels,  or the new high-enerm fuels-- 
whether he be in government, industry, or independent professional organization-- 
would benefit greatly from participation in the progress of the Fuel Chemistry 
Division. 

Further, the Division i s  strengthening its coverage of areas of a i r  
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e ra l  papers, extending Over several days, usually a t  National Meetings of the American 
Chemical Society. These include the results of research, development, and analysis in 
the manly fields relating t o  fuels which axe so v i t a l  i n  todqy's energy-dependent econorqy 
Members of the Division have the opportunity t o  present papers of t he i r  own, or partici- 
pate in  discussions with experts in  their  f ie ld .  Most important, the Fuel Chemistry 
Division provides a permanent record of a l l  of t h i s  material in  the form of preprints, 
which are  sent free t o  a l l  members several weeks before each meeting. 

Symposia of significant content and broad interest  have been published as part of the 
Advances i n  Chemistry Series and by other scient i f ic  book publishers. 
posia on me1  Cells, Advanced h'opellant Chemistry, Gasification, and Spectrometry are 
already in  print. 
Division members a t  greatly reduced cost. 
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"Advances i n  Chemistry Series" based on Division symposia, and ( 3 )  The receipt card 
sent i n  acknowledgment of Division dues i s  good for $1.00 toward a complete set  of 
abstracts of a l l  papers presented a t  each of the Nstional Meetings. 

To join the Fuel Chemistry Division as a regular member, one must a l s o  be or become a 
member of the American Chemical Society. 
they are not practicing scient is ts ,  engineers, or  technical economists i n  areas re- 
lated t o  chemistry, can become Division Affiliates. They receive a l l  benefits of a 
regular member except that  they cannot vote, hold office, or present other than invited 
papers. Affiliate membership is of particular value t o  those in  the information and 

Landmark sym- 

When these volumes are  available they axe usually offered f i r s t  t o  

(1) Reduced subscription 

Those not eligible for ACS membership because 

l ibrary sciences who must maintain awareness of the fuel area. 
active i n  the fuel area and living outside of the United States are also invited t o  
become Division Affil iates.  

Membership i n  the Fuel Chemistry Division costs only $4.00 per year, or $11.00 for 
three years, i n  addition t o  ACS membership. 
out joining ACS, i s  $10.00 per year. 

Non-ACS scientists 

%e cost for a Division Affil iate,  with- 
For Purther information write to:  

Dr .  Harold L. Love11 
Secretary- Peasurer 
ACS Division of Fuel Chemistry 
Pennsylvania State University 
109 Mineral Industries Building 
University Park, Pennsylvania 16802 
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